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Abstract.
The boiling of distilled water in a 9 ft long 
2 in. I.D. copper single tube natural circulation evaporator 
was investigated with particular reference to entrance 
effects. Heat transfer coefficients and pressure drops 
were compared for with and without an entranced The tube 
was divided into six sections and the heat transferred to 
each measured separately. Measurements included inlet 
velocities, heat fluxes, pressure drops and stream and 
wall temperatures.
The heat transfer results from all the six sections 
were correlated by the following non-dimensional equations. 
With an entrance,
_ n ,„„,0.35 ,r > 0.06, \0.3 , „ . -0.54= 0.38(Pr)"'" (Re)y-^^ / L \ Q / o__\^ ^ Id / U G a ) I PD )
and without an entrance,
_ n 1? ,c_\0.6 ,=.\0.28,  ^,0.14, „ ,0.27 , „ ,-0.65= 0.12 (Pr)y-" (Re)y-^"/ Q /a \^ I d ) vîïïâ) v p d ;
The pressure drop results were correlated by the following 
equations.
With an entrance.
APTP APo-dt  ^ 1 .0.81SPL - 1 =AL 1890 (xj^
and without an entrance,
I ^ - 1  > " 9
By using a resistance probe technique, flow regimes during 
boiling were also investigated and graphs were produced for
predicting the flow regimes/throughout this work the terms 
. ’’With and Without an entrance’’ refer to entrance effects.
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Introduction,
The prediction of rates of heat transfer to two-phase 
mixtures flowing in tubes is required for design purposes 
in a number of fields notably in both forced and natural 
circulation evaporators.
In general little progress has been made towards 
understanding the processes involved in progressive 
vaporisation along a tube, this is mainly due to large 
numbers of experimental variables present. Not until the 
mid 1950’s have studies of the local or point conditions 
in evaporator tubes been published. A further complexity 
is the large number of flow patterns which exist when ■ 
evaporation takes place along a tube.
Although work to date has thrown considerable light 
on the subject, it has also emphasised the complexity of 
it. No systematic work has been done on the entrance 
effects, even though previous work has shown higher heat 
transfer coefficients where turbulence has been created by 
an entrance (i.e. sudden contraction) and by other means.
This work investigates liquids boiling in vertical 
tubes 3 with particular reference to entrance effects.
Throughout this work the terms "With and Without an 
entrance" refer to entrance effects.
" 12 —
CHAPTER I 
Heat Transfer Literature Survey
In the past, workers, such as Nukiyama (1) have 
studied pool boiling conditions and have explained the 
observed boiling process. It was realised however, 
that in the field of industrial evaporation, the mechanism 
involved in boiling inside tubes is different and needed 
further investigation.
Linden and Montillon (2) in 1930 conducted experiments 
on a 4ft long and 1 in. I.D. inclined tube evaporator.
The velocity of the liquid was measured in the return pipe 
of the evaporator, and was correlated with boiling side 
heat transfer coefficient in the following equation
“l “I
is logrithmic mean of the two velocities, if the 
flow were all steam, or all liquid. It was also shown that 
the heat transfer coefficient decreases for a given value 
of V^, as the evaporation temperature decreases.
Kirschbaum (3) using a climbing film evaporator, 
performed the first detailed study of film coefficients 
on the boiling side of an evaporator. A vertical copper 
tube 1.58 in. I.D. was heated externally for a length of 
77.5 in. by condensing steam in a concentric jacket. The 
average heat flux increased roughly as the square of the 
apparent temperature difference. The effect of the diameter
of the tube was investigated and it was shown that a tube of 
1.18 in. had a higher coefficient than one of 0.59 in.
13 -
Kirschbaum found that the coefficients he obtained were 
greater than those given by the Dittus-Boelter equation,and 
the excess increased with reducing feed rate and increasing 
temperature difference.
In the period 1936-40 Badger (4) in conjunction with 
various corworkers published papers describing experiments 
carried out with vertical long tube evaporators under both 
natural and forced convection conditions, with tube 
diameters ranging from 0.76 to 2,5 in. and lengths from 
4 to 20 ft. Coats and Badger (5) working on a steam heated 
evaporator with a constant liquid velocity of 9*4 ft/sec, 
investigated the effects of viscosity and temperature 
difference and found, as one might expect, that the 
coefficients were markedly reduced by an increase of 
viscosity and that the temperature difference has little 
effect on the overall coefficient, as shown by the following 
equation
Ü = 1770
Fritz (6) in 1937 collected the data of various 
investigators who had worked on water boiling in tubes from
1^ to 6^ft, long at atmospheric pressure, and expressed
their results by the equation
h = 0.83 V a = 0.475 AT^
Brooks and Badger (7) obtained heat transfer
coefficients for the boiling section of a natural circulation
climbing film evaporator. The evaporator consisted of a
single tube heated externally by condensing steam. The
authors expressed their correlation for overall coefficients
by -
14
'“b  K/   - f(AT average)
s = 0.0557 logiQ-l
The correlation accuracy was within - 20% for 8l% of the 
data.
The authors also made investigations of the flow 
patterns in the tube. They showed that observations of 
Barbet (8) were correct, and three different types of flow 
occuredj bubbly flow, slug flow and climbing film flow.
They also found that the vapour core in climbing film flow 
contained a fine spray of the liquid phase, i.e. a dispersed 
flow region.
Badger (9) discussed in detail the flow mechanism.
He again put forward the above three flow patterns, but 
included dispersed flow as a fourth one.
Badger found that heat transfer coefficients were 
greater at smaller temperature differences, all other 
variables being kept constant. He also concluded that heat 
transfer coefficients decrease during the last three regions.
Badger and Meisenberg (10) obtained data from a single 
tube, forced circulation evaporator 12ft long and 0,76 in.I.D 
Average boiling side heat transfer coefficients were 
measured and a Dittus-Boelter type of equation was used to 
correlate their results viz-
hmpD /Cp, / Gr
F  = “l - F F  i"L V  -L / ’‘L /
For runs with little vapourisation (Re>65000) a value of 
0.0278 was obtained for a. For greater vapourisation the 
need was recognised to divide the boiler into non boiling
15
and boiling sections. In the non-boiling section a value of 
a was obtained of 0 ,0293, which predicted heat transfer 
coefficients 2-4 times lower than those in the boiling 
section.
In continuation of this study. Strobe, Baker, and 
Badger (11) entirely eliminated the non-boiling section in 
the evaporator by injecting steam in the bottom of the tube. 
The tube was 1.76 in. I.D. and 20ft long, and was provided 
with wall thermocouples in order to measure the wall 
temperatures. The liquid temperature distribution was 
measured by a travelling thermocouple similar to that of 
Brooks and Badger, To determine the effect of viscosity 
and surface tension, experimental runs were performed with 
sugar solutiors up to 50%, and by the addition of a surface 
active agent reducing the surface tension by 50% resulted in 
coefficients which were 2-4 times higher than for pure water. 
The 90% data for all the liquids used was correlated to 
within - 20% by the expression
. 7.8x10® (vW-)
The recalculation of the results of Brooks and Badger(7) 
indicated a slight lowering of the coefficient with a 
decrease in the boiling length. The above equation has two 
apparent discrepancies from all other work performed on 
climbing film evaporators and two-phase flow.
(I) There is no term in the correlation for the effect 
of flow rate.
(II) The exponent on the temperature difference is negative, 
contrary to all normal experience.
16
The coefficients used were length mean coefficients 
instead of point coefficients which should have been 
evaluated. It is doubtful whether the above expression 
gave an accurate picture of the effect of a since the 
variation was achieved by the surface active agents which 
would result in a great deal of frothing, and a consequent 
change in the flow pattern.
In the same year Foust, Baker and Badger (12) 
published work on a natural circulation calandria type 
evaporator consisting of 31 tubes, each 2.24 in. I.D, and 
4ft long. The unit was steam heated and water was 
evaporated in the tube.
As in the work of Badger and Brooks, velocities at 
the tube inlet were measured and were varied from 
1 to 4 ft/sec. Overall coefficients were measured and % 
vapourisation obtained was small (1 to 2.5%). It is of 
interest to note that attempts to measure the effect of 
changes in surface tension, by evaporating ’Duponol’ 
solutions, were unsuccessful due to excessive foaming.
The results obtained showed a great deal of scatter but 
an empirical equation was presented which included the
level Of liquor in the calandria^ a term which is a direct 
function of the amount of vapour present.
Throughout the work of Badger and his co-workers,
frequent reference was made to a paper published by Linden
and Montillon (2) in which the term was of interest,
as, for the first time an attempt was made to define a
two-phase velocity.
From the work of Foust (12) it was found that overall
heat transfer coefficients increased with increasing
boiling point and temperature difference, but with a
17
decreasing liquid level. The circulation rate was also 
investigated and was found to have increased with boiling 
point and temperature differences. It reached a maximum 
when the liquid was just above the top tube sheet.
Cessina, Lient2 and Badger (13) continued the previous 
work on climbing film evaporators on a vertical copper tube 
1.25 in. diameter and 18.5ft long, and calculated overall 
coefficients for the boiling and non-boiling sections using 
water and sugar solutions. They showed that coefficients in 
the non-boiling region were lower than in the boiling region.
Cessina and Badger (14) continued the work with a 
smaller diameter tube of O .65 in. and gave a complex 
equation for correlating the maximum liquid temperature.
Racho (15), in his work investigated the effect
of tube diameter on the heat transfer coefficient for water 
boiling inside an iron tube at atmospheric pressure. On the 
results of his experiments he concluded that heat transfer 
coefficients were not dependent on tube diameter. In the 
second paper (16), the same author investigated the effect of 
velocity on the heat transfer coefficients at constant heat 
flux. He concluded that the heat transfer coefficient was 
not dependent on the proportions of steam and water in the 
mixture. In this paper it was also shown that the length 
of the tube has little effect on the coefficient. In 
comparison with the result of other research workers, it was 
shown that the coefficient was also independent of the 
nature of the material of the heating surface.
Reveal (17) performed experiments on a natural 
circulation evaporator, the results of which were reported by 
Pirit and Ibsin (33). The authors attempted to correlate the 
surface boiling data with net vapourisation and vapour
18 -
induced convection, by means of two phase mixture velocity. 
In a simple model, the theory assumed that effective film 
thickness on the heat transfer surface was inversely 
proportional to the liquid-vapour mixture velocity which 
increases along the length of the tube, The local surface 
heat transfer coefficient was taken as
■ K V.»-»
In 1953 Coulson and Mehta (l8) published the results of 
their work on a stainless steel, single vertical tube 
evaporator 5.25 ft. long and 0,43 in. bore. Hot water was 
used as the heating medium in order to get reproducible heat 
fluxes and the feed was always introduced at the boiling 
point in order to avoid having to estimate where boiling 
started. The work carried out was similar to that of Badger 
and his co-workers, with the major difference that film 
coefficients were estimated from the measured overall 
coefficients and the use of the Wilson plot. Temperature 
difference was measured by means of thermocouple fitted 
to the tube wall and a travelling thermocouple inside the 
tube. As in the work of Strobe, Baker and Badger (11), an 
attempt was made to estimate the effect of certain physical 
properties by evaporating water, sugar solutions, 
isopropanol and aqueous Teepol solutions. The temperature 
difference observed varied from 15 to 60^F whilst the feed 
rate ranged from 24 to 180 lbs/hr.
In this study the effect of feed rate, temperature 
difference and heat flux were also investigated as well as 
the physical properties mentioned above.
— 19 -
The film heat transfer coefficient was found to vary 
according to the following relationships:-
. 6
0.38
h^p « AT
^TP
The influence of feed rate on the coefficient was also 
investigated independently and the following relationship 
was established.
h,p ../>•«
Unfortunately, in this investigation no .mention was 
made of the amount of vapourisation in each run, and the 
effect of flowrate may be marked by the effect of quality 
on the coefficient. The influence of surface tension was 
shown to be marked. It was shown that
and this relationship is in reasonable agreement with the 
work of Badger. Viscosity was also investigated and it was 
shown that an increase in viscosity reduced the coefficient 
according to the law -
or using the Prandtl group 
/C u ^ "0.44
%  /
With regard to the influence of pressure, the authors 
noted that the heat transfer coefficient was increased by 
increasing the saturation temperature. At first the effect 
seemed to be attributed to the change of viscosity with 
temperature, but when this was allowed for according to the 
above relationship, there appeared a slight reduction in the 
value of the coefficient with increase in pressure.
20
Comparison with values for pool boiling showed the greater 
effectiveness of the climbing film unit at low temperature 
differences. The authors expressed their results in the 
form of -
hijp = K
where K has different values for different liquids because of 
differing physical properties not expressed in the equation. 
Influence of % vapourisation on boiling film coefficients for 
both water and isopropanol, showed an increase in coefficients 
by a factor of two in both cases when the quality at exit was 
raised from 10% to 65%. Kirschbaum (19) obtained higher 
coefficients with dilute solutions than with water. He 
suggested that this was due to foaming and that the action 
may be akin to the increased rate of condensation of a 
vapour when dropwise condensation occurs compared with film 
condensation. Kirschbaum quoted the relationship
hg a
which compares well with Coulson and Mehta (18).
Coulson and McNelly (20)(21) continued the work of 
Mehta with two main modifications to the apparatus. In order 
to achieve higher temperature differences, hot water under 
pressure was used as heating medium in the annulus and 
provision was made to vary the diameter of the tube. The 
tubes were silver in most cases but some results were taken 
with stainless steel and copper tubes. Coefficients were 
again determined using the Wilson technique. Figure 1 shows 
the general form of the relationship between the film heat 
transfer coefficient and the film temperature difference. It 
is seen that three regions exist.
-  21 -
i) Region AB Low temperature difference "
McNelly observed that in this region
hyp “
and that values of coefficients were substantially higher 
than those obtained with nucleate boiling alone. The authors 
suggested that forced convection was the mechanism involved 
and that this was characterised by an increase in the 
coefficient with flow rate, and that the increase of the 
coefficient with temperature difference arose from the 
increased flow velocity resulting from the increase in the 
value of vapour generated.
ii) Region EC medium temperature difference -
The curve AB will cut the normal boiling curve and the 
authors proposed that this point corresponding to the change 
of mechanism from forced convection to nucleate boiling , 
where the turbulence is mainly created by the rapid formation 
of bubbles. In this region the authors found that the feed 
rate had no effect and that
hyp « AT^-ZZ
iii) Region CD. High values of temperature difference - 
The region CD corresponds to dry wall conditions. The
coefficients slowly falls due to increase of temperature 
difference at constant flux.
The increase in vapour volume along the length produces 
an increase in mixture velocity and therefore turbulence.
It was found that for length up to 5 ft, h^p L^'^.
Experiments where sparge steam was introduced at the 
base of the evaporator, increased the coefficient for 
the whole range of tube sizes and lengths.
” 22 ”
McNelly and Coulson (20) presented dimensionless 
correlations for both regions of heat transfer.
Region AB,forced convection boiling-
where C = 39ft~^.
This equation also successfully correlated the data of 
Mehta and also of Badger, The above equation also -Indicated 
that
Which would .give a decrease in coefficient due to- increased 
pressure, all other things being equal.
Region BC,nucleate boiling region -
McNelly (22) in a previous paper successfully correlated 
the data of a number of other workers in this field by the 
equation -
hypD /C_ / Q.D f - 3 3
= 0.225 c Ut Y  / p.py-P-^ I p Y
The authors appear to assume that the change from one 
mechanism to the other is abrupt,but in fact both mechanisms 
must occur over the whole range of temperature difference, 
to some degree. It happens that at low values o f A T  the 
convective mechanism is controlling while at higher values 
the nucleate boiling mechanism has the greater effect, 
Kirschbaum (23) continued his studies in climbing 
film evaporators and published two papers reporting work 
on a single tube evaporator 12.8ft long and 1.58 in. I.D.
In the first investigation results were obtained by using 
distilled water, sugar solutions and water with a surface 
active agent added (Nekal), The apparent liquid level was
23
varied between 25 and 75% of the tube length and it was 
shown that the highest coefficients were obtained with 
lowest liquid levels,
At atmospheric pressure and an apparent liquid level 
of 75% of the tube length, heat transfer coefficients were 
given by the expression -
hyp = 17.8
When the pressure was reduced to 1.8 p.s.i.a. 
coefficients dropped markedly and were given by the 
following equation at 75% apparent liquid level ~
hyp = 22.0 AT°'®
The effect of increasing viscosity was to reduce the 
coefficient at both pressures. From the results quoted in 
the paper it can easily be shown that -
Where x is in the range of 0.45 to 0.51, which agrees 
reasonably with the findings of Coulson and Mehta (l8).
It was also shown that higher coefficients were obtained by 
lowering surface tension.
In the second paper Kirschbaum (24) presented a 
dimensionless correlation
For an apparent liquid level of 75% of the tube length
0.5 vO.25hmp#
i f p  = 0-256
For an apparent level of liquid 40% of the tube length,
a constant of 0.37 instead of 0,236 was obtained.
From 1950-56 Sterman 25, 26, 27, 28, 29, 30
has carried out a number of theoretical and experimental
investigations upon the boiling process. In 1953 the same 
author (27) set up a differential equation describing the
~ 24 -
heat transfer by convection in the boiling region and 
analysed the conditions for the transfer of heat during 
boiling from the laminar layer to the turbulent core. 
Sterman concluded from the analysis that boiling can be 
expressed by.»
Nu = f(Re, Pr. Pr,
PvThe function — r and —  will only occur in %  PL
heat transfer by boiling in a tube, u^ '* and u^ ^ are the
reduced vapour and fluid velocities respectively, meaning 
the velocity which the given component of the stream 
would have if it occupied the full section of the pipe.
If gravity forces can be neglected then the Proud group may 
be neglected and by rearranging the groups we have
P,Nu = fj^Re,Pr,( / u)(cpTj ^
Sterman also put forward an ahalysis of the maximum 
heat flux which could be sustained in forced convection of 
a fluid without reaching film boiling and gave the following 
correlation -
= fi' Re,Pe,k . ^  ^
K /Cp p ^ ® *^0
The author pointed out that this does not take into 
consideration any surface characteristics. Using this 
analysis Sterman successfully correlated the maximum heat 
flux data of Cichelli and Bonilla (31) for five different 
liquids at different pressures.
Sterman (32) later suggests that where the influence 
of steam quality is not in evidence, the correlation data 
could be represented by;-
‘ 25
^^evap _ ^ A/X p
u
Where is the experimentally determined value the
Nusselt group, and Nu is the value for convective single
phase heat transfer from the Dittus-Boelter equation. For
values of ^YXp^ more than 0.06 the heat transfer could -
be calculated by -
^^evap. /XNu I u /
Sterman showed that in the region where flow rate has 
little effect, the effect of increase in pressure is to 
increase the heat transfer coefficient by corresponding 
large amounts. Unfortunately, all the results in this paper 
relate to the region where the effect of steam quality is 
small and may be neglected,
Pirit and Isbin (33) in 1954 published data relating 
to the boiling of various liquids and solutions in a 
vertical natural convection evaporator. The unit described 
was electrically heated and consisted of a 1.068 in. I.D, 
tube with a heated length of 46.5 in. The heat fluxes 
quoted varied between 186 7 to 5 2 5 Btu/hr.ft^. The inlet
velocities varied with heat fluxes but never exceeded 
3,5ft/sec. Results were obtained for water, isopropanol, 
n-butanol. Carbon tetra -chloride, 35^ and 50% solutions of 
potassium carbonate. All the data were found to be correlated 
by -
h^pD 0.8 0.6 0.33
26
is a log mean velocity based on those of the inlet and 
outlet, a is the surface tension of the liquid use being 
that of water, and presumably has been introduced to take 
into account the effect of surface tension on bubble . 
formation. Since the % vapourisation in these experiments 
was small, it is not unexpected that a normal convective 
form of equation should suffice.
The second method of correlation used by the authors 
was to subtract from the total heat flux the calculated 
convection contribution calculated from the Dittus-Boelter 
equation to give a boiling heat flux. This was then used in 
a pool boiling equation obtained by Rohsenow (34) vis.
sf / 0.33 n 7 Pr^'f
Values of varied with liquid and the type of 
surface.
During the same period Chernobylskii and Tananaiko (35)
did work on boiling heat transfer in an annulus. Experiments
were performed mainly to determine the effect of annular gap
and it was concluded that decreasing the gap whilst keeping
the other parameters constant, resulted in an increase in
heat transfer.
They found that
h^p «(D^) for gaps of less than 0.1 in, and
that
hgip « (D^)"^'^54 gaps between 0,1 to 0,3 in.
The greater dependence on D. at smaller gap sizes may
be due to nucléation resulting in bubble sizes comparable to 
that of the gap, whilst in the larger gap sizes, the 
dependence on seems to be similar to that obtained with
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convective heat transfer. The results are not conclusive 
as no attempt was made to keep the quality constant.
Guerrieri and Talty (36) in 1956 published a study of 
heat transfer to boiling cyclohexane, methanol, benzene, 
pentane and heptane carried out in two single tube natural 
circulation vertical boilers. These had oil heated 
brass tubes 0.75 in. I.D. by 6ft long and 1.0 in. I.D. by 
6.5ft long respectively. Wall and fluid core temperature 
were measured at 6 in. intervals along the length of the 
tube. The authors recognised the need for measuring point 
values of heat transfer coefficients and obtaining % 
vapourisation. It was found that the weight per cent vapour 
and therefore the linear two phase velocity strongly 
influenced the coefficient. The authors suggested that 
these facts indicate convection to be one of the main 
processes involved in the heat transfer mechanism. However, 
convection was not the only process, as was demonstrated by 
the increase of coefficient with increasing film temperature 
difference.
An attempt was made to separate the two mechanisms and 
for the convective coefficient the following expression 
was obtained. I ■ 3..
is a parameter obtained by Lockhart and Martinelli (37) 
for use in their pressure loss correlation ~ viz:-
h, is defined by the following equationl0.8r-„ ..h^ = 0.023 §
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This differs from h^  ^defined by Dengler (38). The ratio of 
hmp, was plotted against where y* is the radius of
ho
the minimum size of a thermodynamically stable bubble for a 
given degree of superheat and 6 is the thickness of the 
laminar film.
The authors used Frenkel’s (39) recommended equation 
for Y*.
®Wall - ?8at = + % )
The laminar film thickness is given by 
6 =
values ^^re calculated from the Lockhart
and Martinelli (37) correlation for two phase pressure drop. 
The correlation may be put in the form of
= 0.187 V. « )
As the nucleate boiling correction factor could not be 
less than unity a value of y*/6 of 0.049 was interpreted 
to mean that the liquid was moving fast enough to prevent 
nucléation at the wall at that temperature difference.
A comparison of the result from Dangler's (38) paper showed 
that the data of this author fell on an average of 27% 
lower than those measured.
Probably the first investigation into the possibility 
of a relationship between the observed two phase heat 
transfer coefficients and the associated two phase pressure 
drop, was made by Johnson and Abou Sabe (40) who worked on 
air-water mixtures. The authors used a 1 in. tube,
15 ft. long, with flow rates ranging from 1000 to 150OO lb/hr 
and 0 to 200 lb/hr air. Using the similar arguments to
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Martinelli et al (37) they proposed the empirical 'Wirm
r. + 0.006 /tI '
Which when plotted against Martinelli's parameter X, 
produced a curve which correlated their results to within 
+ 15%. The parameter X was defined by Martinelli (37)
by the equation -
^ ' (alJl ' U l J  g.) A^Lyl
This work was reproduced by King (41) when he repeated 
this work.
Using a slightly modified apparatus Fried (42)
repeated much of the previous work, but was able to
measure it more accurately. The results were finally
2 2correlated by plotting X and (}> , which are defined as -
y2 _ two phase heat transfer c o e f f i c i e n t ______calculated coeffîciënt for liquid flowingalone
2d = two phase pressure dropPressure drop for liquid flowing alone
Dengler and Addoms (38) (41) presented results for 
local film heat transfer coefficients and local pressure 
gradients for vapourisation of water flowing upward in a 
1 in. diameter, 20ft long vertical copper tube. A steam 
jacket was used, and thermocouples were fitted inside the 
jacket so that integrated mean temperature difference and 
hence heat transfer coefficients were obtained for each 
jacket. Feed rates were varied from 240 to 5500 lb/hr with 
up to 100% vapourisation in some runs, Pressures varied 
from 7.2 to 29 p.s.i.a. and film temperature differences 
between 0^ to 40°F.
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In an excellent analysis of their results the authors 
came to the conclusion that three possible types of heat 
transfer could occur,
1) Nucleate boiling*
11) Convection to the liquid,
111) Convection from the dry wall.
This conclusion agrees with the work of Coulson and 
McNelly, The authors also concluded that the nucléation 
mechanism could be suppressed by a high mixture velocity
i.e. at high % vapourisation^and proposed an empirical 
relationship -
AT. = 10(Uav.)0-3 ,
^vhere was the local superficial velocity of the 
mixture defined by -
\ v  GvTRj^ .3600 ft/sec .
AT^ is the temperature difference above which nucléation 
was observed. In these experiments, values of liquid 
holdup were determined experimentally using a radio-active 
tracer technique, and were found to compare well with the 
correlation for Rj^  given by Lockhart and Martinelli.
The results obtained for the convective process were 
correlated by the equation -
- 3.5 1 X,h^ V tt
where hj^  is defined as the convective coefficient 
calculated from the Dittus-Boelter equation assuming the 
two phase flow to be liquid alone.
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The effect of nucleate boiling on heat transfer was
expressed as a factor P by which the right side of the
above equation was multiplied. This factor is given by ■
0.1
P = 0.67 [(AT-AT.) . § )  j
where AT^ is the temperature difference at the point 
of suppression.
Johnson (42) measured circulation velocities and 
overall temperature difference in a vertical thermosyphon 
reboiler heated by steam. The tube bundle contained 
96 X 1" X 12 BWG carbon steel tubes 8ft long. The inlet 
and outlet nozzles were 6 in. and 10 in. I.D, . Heat
pfluxes up to 29000 Btu/hr. ft were employed and temperature 
profiles of the liquid in the centre of tube was measured 
using a thermocouple probe. Both water and a hydrocarbon 
were used in the reboiler. A method was proposed of 
estimating the circulation rate and the overall temperature 
difference, taking into account an all liquid zone at the 
bottom of the tube. For this theory, it was assumed that the 
type of heat transfer was convective, and that the film 
coefficient at any point was given by^ a where U is the
two phase mixture velocity and a is the film coefficient at 
Ift/sec. The recirculation ratio was found by equating the 
driving force in the return leg to the resistances in the 
reboiler, developing Kern's (43) method by applying the 
Martinelli (37) correlation. A rather simplified picture is 
presented but the method does predict the circulation rates 
and the temperature difference for any heat flux for a large 
reboiler and also agrees with the work of Piret and Isbin 
(33).
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Cheshire and Stirling (44) studied liquid film 
coefficients to boiling Freon in a seven foot long 
vertical natural circulation made from a 0,6 in. I.D. copper 
tube, and obtained an empirical correlation. They showed 
that local heat transfer coefficients were independent of 
mass flow rates and vapour velocity when more than 8% of the 
entering fluid had been evaporated,
Whitt (45) reported on the performance of three 
evaporators, the tubes were heated by hot water and were 
made of silver with 0.5, 0.74, and 2.0 in.I.D. With 
lengths of 5.17, 7.5 and 20.1ft respectively. The 
evaporators were used to concentrate dilute solutions of 
methylene chloride and ethyl phospheric chloride and runs 
were also performed with pure methylene chloride. Based on 
overall temperature differences the authors quoted the 
equation
I = 100 AT^'25
Cathro and Tait (46) conducted a quantitative and 
photographic study of a forced circulation evaporator.
Various liquids were used in two 60 in. long tubes of 
0.375 in. and 0.765 in. I.D. and a 30 in. long tube of 
0.375 in. I.D.
The effect of their principal variables on the overall 
heat transfer coefficients was investigated and the 
following general conclusions were reached.
1) Various regions of heat transfer were found as the 
temperature difference was increased. This was inferred 
from changes in the slopes of the temperature difference 
versus heat transfer coefficient curves,
2) The feed rate had little effect on the boiling at low 
values, but its effect was more marked above a certain
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critical Reynolds number,
3) No simple relation existed between the heat transfer 
coefficient and the tube diameter.
4) For a 5 ft long tube it was suggested that,
0.7h^p ' L
5) Beyond a certain percentage vapourisation (approximately 
80 to 85) the heat transfer coefficient decreased because of 
the existence of dry wall conditions.
A correlation of the results was presented in the form 
of a dimensionless equation viz:-
^ t pD/Kl = f
1°; 1 4(Re,)°-25/D p,XJ 0.48,,,0.7/n.0.51) I h
This correlated the authors data and that of Strobe, 
Baker's and Badger's (11) to within - 30%.and Coulson's
and Mehta's to within - 20%
In the photographic studies a steam heated glass tube 
was used 64.4 in. long and 0.42 in. I.D, Various types of 
boiling action were found, dependent much more on the heat 
flux than feed rate.
At small heat fluxes slug flow occurred, the vapour 
slugs being produced by coalescence of the bubbles formed 
on the wall. Increasing heat flux caused more rapid . 
coalescence, until an annular film was formed on the tube 
walls, with a central vapour core. In this region, 
nucléation on the walls was effectively suppressed. Further 
increase in the heat flux led to entrainment of droplets 
in the vapour core, and a decrease in film thickness.
Marked slippage between vapour and liquid phases was found
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in all regions.
Poltz and Murray (47) used boiling Freon 114 to 
investigate the variation in heat flux along the length 
of vertical steam heated tubes. The tubes used were all 
8ft long and had I.D.'s of 0.25, 0.5 and 0.875 in. Local 
values of heat flux were measured by collecting the 
condensed steam in 8 cups equally spaced along the tube 
length.
From the results, the following conclusions were 
drawn.
i) Heat transfer rates were uniform along the tube length, 
up to steam to Freon temperature differences of approximately 
20^F. Above this value the first 12.5% of tube transferred 
75% of the heat.
ii) Freon pressure had no significant effect.
iii) The heat flux increased rapidly up to a steam to
Freon temperature difference of 20^F then became approximately 
constant because of vapour binding at the top of the tube.
iv) A 100% increase in Freon flow rate resulted in a 20-30% 
increase in the maximum heat transfer.
v) No real relationship was found between heat flux and 
L/p ratio.
Penman and Tait (48) measured local values of the 
boiling side heat transfer coefficients in a forced 
circulation evaporator. Four tube diameters and six liquids 
were investigated.
The results were presented as plots of boiling side 
heat transfer coefficient versus the bulk liquid, velocity 
'Vg' for positions along the tube length. The bulk 
velocity was defined as the sum of superficial vapour and
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liquid velocities and slip was ignored. In the climbing 
film region of the tube with which the authors were 
primarily interested, Vg was assumed to be the vapour 
velocity.
Their results were correlated using "Mechanism Ratio 
Analysis" which led to the. following expression
Thermal forces causing surface expansion _ _Surface forces resisting surface expansion
Momentum forces causing surface expansion Surface forces resisting surface expansion
This was reduced to the following relationship
5^TP / g i f - 0,01.(V,
By introducing the feed either subcooled or with some 
vapour present, it was concluded that for a given bulk 
velocity the heat transfer coefficient would be the same, 
irrespective of length.
Govier and Short (49) investigated the effect of tube 
diameter on the flow pattern, hold up and pressure loss for 
the vertical flow of air/water mixtures. It was concluded 
that the tube diameter had an important effect on the 
transition point between flow regimes, the hold up and the 
superficial friction factor.
Laird, Scott and Thompson (50) presented their results 
from a two-tube natural circulation boiler. Three tube , .
diameters were used and tests covered a pressure range of 
50-1400 Ib/in^.
They plotted circulation velocity against boiler 
pressure at various heat fluxes and presented groups of 
curves for various tube diameters.
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Non-dimensional plotting was also tried, to give a
better correlation, using two groups proposed by Silver (50)
viz
2 2Thermal expansion Number = 8 Q
2 ” 3 g D~ P ~
Circulation function U = s
\
q is heat input/unit area based on inside tube area and 
d is dryness fraction, A logrithmic plot of these two 
groups gave three curves, one for each tube diameter.
Turner (51) investigated the performance of a gravity
fed natural circulation evaporator. Copper and brass tubes 
were used with different lengths and diameters. Overall 
heat transfer coefficients were obtained and were presented 
graphically,
Anderson, Haselden and Mantzouranis (52) measured 
local values of boiling side heat transfer coefficient in a 
forced circulation evaporator tube 6ft long and 0,5in. I.D. 
The tube was heated by electrical resistance heaters. The 
feed entered the tube at its boiling point and a travelling 
thermocouple and pressure probe were used to obtain axial 
temperature and pressure profiles. The stream temperatures 
were found to correspond to within 0,2^F of saturation 
temperature obtained from pressure profiles.
The results were presented as plots of boiling side 
heat transfer coefficient and film temperature difference 
versus tube length. The changes in the heat transfer 
mechanism were detected by changes in the slope of these 
curves.
In the lower part of the tube nucleate boiling was
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assumed to occur. The point where it was suppressed by a 
vapour induced increase in velocity was taken as the points 
of inflexion between maxima and minima in temperature 
difference profiles. These points were correlated by the 
expression -
ATnb - AT^ = 8 In (U*/y *)
Subscript o referred to is inlet conditions.
U* is the friction velocity at the required level in the 
tube and is the product of the inlet velocity
and the square root of the friction factor for all liquid 
flow in the tube,
From this relation, those parts of the tube where 
forced convection (supposed climbing film flow) occurred 
were determined.
Using the method outined in previous publications by 
the authors (53) based on an annular flow model, the liquid 
hold up and hence the liquid film thickness were deduced.
When the calculated values of the parameter
AT, pTt-------  TT---------   were compared with the%
experimental ones, the ratio varied between 0,5 and 1.3*
AT^ is the total temperature drop across the annular film, 
and is the heat flux at the tube wall.
An attempt was made to correlate the ratio against f/^,,
where f is the experimental friction factor and f  that for 
the same vapour flow through a smooth tube. The expression 
obtained was
AT *
■ = 0-5 + 345 log f/f'“ t oal.
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This correlated the convective data to +30% and -20%, 
with half the data to within - 10%. The authors noted that 
the results of Dengler fell well below this curve.
Nagel (54) studied the evaporation of ethyl 
alcohol/water mixtures in a single tube natural circulation 
system. Tubes of 1.6 in. I.D. with different lengths were 
used. A travelling thermocouple was used to measure axial 
stream temperatures and from these,non-boiling zones in the 
tube were separated. Wall temperatures were measured along 
the tube by thermocouples.
Average heat transfer coefficients were obtained 
for both boiling and non-boiling sections, by calculating 
the heat transferred in the non-boiling section and 
subtracting this from the total heat flux to give that 
transferred in the boiling section.
Plots of heat transfer coefficient in the boiling and 
non-boiling zones versus average steam to tube wall 
temperature differences were presented. For constant 
values of submergence, plots of overall heat transfer 
coefficient versus inlet temperature were given for various 
temperature differences. It was shown that heat transfer 
coefficients increased with increasing circulation rates, 
and that to maintain natural circulation a minimum 
temperature difference was required. The experimental values 
varied between minimum and approximately 50°C,
To obtain a correlating equation, two parallel heat 
transfer mechanisms were assumed; nucleate boiling and 
forced convection. The following expression was obtained,
hipp = hj^.N, F^ + hj^  (1-N. F^)
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where 'N’ is the number of nuclei/surface; the area
of a nucléation site; h^ the heat transfer coefficient
within F^ and h^ the heat transfer coefficient outside F^. 
h^ was obtained from -
hj^ D Cg Re%L Pry
«L ■
and hj^  from^ ' 'b ««b*
b is the Laplace parameter which is related to
the detachment diameter of a bubble by the empirical relation 
d^ = constant b.8 where 3 is the contact angle.
Re^ is the bubble Reynolds number, which is obtained
from an expression derived by Forster and Zuber (55) for the 
product of bubble radius and growth rate viz:-
dt - X p ^  /  - 2 -F
From this, the bubble Reynolds number is defined as 
= Cp2 Pl
>^ L
By dimensional analysis, NF^ was found to be 
N.Fj, = R e /
where T - b p ' AT 2 a
and p ' is the slope of vapour pressure versus 
temperature curve.
The final correlating equation obtained by Nagel (54)
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is as followsî“
-8 / fr... \1.07 ^1.86 +hjp = 0.237 X 1 0 "® ^ ^ \(P r)^ ^ 3  (Re^y 
0.435 (^Pr/'^3 (1-1 .96 x 10“®
The constants were obtained from the experimental 
results.
Beaver and Hughmark (78) obtained heat transfer 
coefficients and circulating data for a single tube 
thermosyphon reboiler working at atmospheric pressure. The 
tube was 8ft long and fin I.D. Electrical heating was used 
to provide a known flux at point locations. Heat transfer 
with both forced convection and nucleate boiling can be 
represented by superposition of two fluxes viz:-
total ” (^^A^ forced convection
+ (Q/^) nucleate pool boiling, 
or in terms of coefficients and temperature differences -
^Total
where h^ is obtained from the Dittus Boelter equation, and
h^ from the Rohsenow (59) equation.
In the two-phase region they used a forced circulation 
model of Dengler (38) and Guerriri and Talty (36) type-
li^^lTsPj (V^)gp
0.8
%L A PL
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Knowledge of will enable estimation of two phase
coefficients. R^ was obtained by the classical approach of
Lockhart-Martinelli (75) relationship that holdup is a 
function of the term-
,0 .9 , 0^.5 y .0.1
Hughmark (78) plotted experimental two phase heat 
transfer data versus R^, which could be calculated by
h , . .0.8^TP 
^SP
Chen (79) proposed a correlation which covers both the 
saturated nucleate boiling region and the two phase forced 
convective region. It was assumed that both mechanisms occur 
to some degree over the entire range and the contributions 
made are additive.
^TP “ ^NCB ^c 
where = O.023 (Re,j,p)°-®(Pr^p)°-'* ^
is calculated from a Dittus Boelter type of equation. 
However, heat is transferred to a liquid film in climbing 
film and dispersed flow and so liquid thermal conductivity 
should be used.
A parameter P is defined, such that
F = - _ 1 u.o^®TP/ReJ -0 8
so h^ could be written as
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= 0,023?
As P is only a flow parameter, it could be expected that it 
can be expressed as a function of as found by
Hughmark (78).
‘The analysis of Zuber and Forster (80) was taken as a 
basis for the evaluation of the 'nucleate boiling component*
V 0.79. 0.45 0.49
^NCB = 0-172 0.64° ’'L ^fg PQ
Chen now defines a suppression factor ratio of mean superheat
T to wall superheat Ti e sat.0.99
s \
lATsatj
Using the Clausius-Clapeyron equation
0.24 /,„ \ 0.75-cS =V °'ATsat.; V ^ ’sat.
Now
„ 0.79. 0.45. 0.49
^NCB = 0.172 ■ g^29.' 0:24';"5".'24  ^ATO/'Ji#-/
>'L ^fg pQ
We would expect S to approach unity at low flows and zero 
at high flows. Chen suggests that S can be represented as 
a function of local two phase Reynolds number, p and S were 
determined from experimental data. This correlation proved 
to be very successful in correlating the data of other 
authors. Berensen (56) in studying the behaviour of flowing 
Freon 113 under a heat flux well within the nucléation 
region, photographed flow regimes and measured k^p. Using
Berensen*s data Kreith (57) then plotted h^p vs
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indicating flow regimes (Figure 2)
Bennett and co-workers (58) recognised the forced 
convection region of heat transfer at moderate vapour 
concentration, in their studies using water/steam mixtures 
flowing in an annulus surrounding a heated tube. At low 
vapour concentration the process of nucleate boiling on the 
hot surface was observed, but, once again as the vapour 
content of the mixture was increased, the increase velocity 
of the mixture was apparently sufficient to suppress the 
nucleate boiling mechanisms, and the heat transfer became 
governed by the forced convective process.
For the nucleate boiling region, Bennett uses a 
correlation of the Rohsenow (59) type, and for the forced 
convection mechanism, one of the Guerrieri and Talty type. 
Bennett and co-workers also observed an effect on the heat 
transfer coefficient in forced convection process due to 
heat flux, and their correlation is
N p  / Q“f  *11 = 0 .64/ i
The circulation in water tube boilers was studied by Silver 
(60) and he evolved the expression for the work available 
which he equated with the kinetic energy produced in the 
fluid and the various energy losses in his circuit.
Haywood (6I) adopted a different approach to the 
problem, making the simplyfying assumption that the liquid 
and vapour mixture flowed homogenously, and heat transfer 
occurred uniformly along the heated length. He developed 
a unified theory of circulation including corrected 
versions of Silver’s theory, and hydraulic and expansion 
theories of Lewis and Robertson (62) and Davis (63) 
respectively.
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Lottes and Flinn (63) developed equations describing 
the circulation in a natural circulation system. They 
evolved an expression for the ’available head’ for 
circulation due to vapour present in the riser, which was 
equated to the total pressure drop due to friction and 
acceleration of liquid round the circuit. For the parts of 
the circuit in which there is two phase flow, they used a 
two phase multiplier for the friction factor given by -
:)■[a I Iexit^ V „/exit
This is essentially an empirical correlation.
The weakness of this work is that slip between the phases 
is ignored. At low rates in the vapour dispersed region the 
slip ratio is not very important, but in climbing film flow 
it may become significant.
Haywood (64) has studied the slip ratio in a boiler 
tube by measuring mean area dryness fraction and proposed 
that it could be related to mass dryness fraction by 
expression
S = 1 + K
where K is dependent on pressure this relationship was true 
for values of up to 0.1, beyond which he assumed a 
constant value of S.
He justified this on account of his pressure drop test 
indicating that this was better than assuming a linear 
increase of slip with x^, to continue indefinitely.
Haywood noticed that the lower the system pressure the 
greater the slip for the same quality.
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Austin (65), Styushin and Sterman (66), and McNelly (20) 
noticed that heat transfer coefficients increased when the 
liquid was agitated or Sparge steam was introduced at the 
start of the tube. Schweppe et al (67), Robinson and Katz(68), 
Pramuk and Westwater (69) also confirmed the fact that the 
heat transfer coefficients increased with agitation, but no 
systematic work was done which could be applied to Industrial
equipment where^Sntrance region existed (e.g. evaporators etc).
Heat transfer coefficients should increase, by additional 
turbulence, as there is an increase in the shear forces on 
the steam bubbles heated on the heat transfer surface, so that
the latter separate from the surface at small diameters.
This leads to an increased rate of steam formation and 
consequently to even greater turbulence of the laminar layer.
From the above literature survey of two-phase heat 
transfer, further investigation into heat transfer rates in 
a natural circulation system, with particular reference to 
entrance effects is indicated. A knowledge of entrance 
effects is important in the design of Industrial equipment 
(20,65,66,67,68,69), which usually has entrance regions.
Most of the research work has been done in a tube in 
which the velocity profile has been fully established.
It would therefore be desirable to make an experimental 
comparison between heat transfer coefficients in a tube with 
and without an entrance region.
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CHAPTER 2,
Pressure Drop:Lit,arature Survey.
The study of pressure loss for the flow of two 
phase mixtures is required to estimate the circulating 
velocity for a given pressure head (submergence) in 
natural circulation systems.
The two phase flow of vapour liquid mixtures 
in a tube with heat addition is one dimensional variable 
density flow. If the pressure drop along the tube is 
relatively small compared with the absolute pressure, 
the flow is practically incompressible, i.e. the density 
of each phase is constant. The change in bulk flow 
density is thus due to the change in the porportion of 
phases caused by the boiling process. The phase and 
velocity distribution are changed and so is momentum 
of flow. The local pressure drop is normally written 
by a Bernoulli type equation viz:
=(^) , (§) + (§)
ÙU yp Ü1, friction al mom. gi^vation
and for length L becomes
Where each term of above equation generally is a function 
of position.
The analysis of two-phase pressure drop based on 
either one of the two flow models - 1. Homogenous
model 2. slip model.
1. Homogenous Model - The first method assumes 
homogenous flow where the mixture is regarded as single phase
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having derived properties from both liquid and vapour.
The basic assumptions of the homogenous model are,
a. Equal linear velocities of vapour and liquid .
b . Thermodynamic equilibrium of the two phases»
c. A suitably defined single phase friction factor 
is applicable to the two phase flow.
Mendier (70) and Owens (71) did some work on 
the homogenous model. Owens (71) defined the specific 
volume V by weighting the respective flow rates as ;
' = - 4 -  £
This mean volume is not a local mean value in a stationary 
sense but a local value weighted by the local mass flow rates.
i M \  .V^l/ippp Dg 2 gg
dp\ . q 2 dV(
By using the above equations Owens obtained the total 
pressure gradient at a point asi-
TP
^TP® ■^L
De 2 So
%
Two phase friction factor;-
Owens (71) suggested the single phase friction factor.f^, 
be used for the f^^. The equation suggests the stepwise 
integration when pressure drop is to be determined, 
over a tube with boiling flow.
48
This ignores bubble growth on the tube wall which is 
likely to have an effect on the wall shear stress. Other 
workers Tong (73), Brandt (74) have found f,^ p two to 
three times f^ .^
Differing assumptions have been made concerning 
the evaluation of the two phase friction factor f^ p^
(i) the friction factor f^ p^ has been assumed equal 
to the single phase liquid friction factor f^^, 
defined as
Dlo = ^
2 “considering the equation /ift = ^TP^ ^
Vdi/o I
where / dp^\ is the frictional pressure gradient from the 
ïfenning equation for total flow, assuming
liquid flow only. The use of f^^ in the evaluation 
of the two phase friction pressure gradient does 
not allow for extrapolation to the value of x = 1 
except for the single phase case where f^^ = f^^. 
(ii) The friction factor f^p has been evaluated using 
mean two phase viscosity, p. The friction factor 
may be defined as - 
f
- W ) ' Û
The form of y is chosen such that 
X = o  ^ y =
X = 1  ^ y = y^
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The number of possible forms of the equation 
defining y are^
1 = 2L- + McAdams (80)
y = y^x + (l-x.) y^ Cicchitti et al (l29)
y = ^  l^(l-x) V^y^ + X y^ j^ Dukler et al (146)
Assuming f may be expressed in terms of The Reynolds
“•0 2"^number, by the equation of the type f = K Re 
we have, for the McAdams (80) y , •0.25
2. Slip Model - The second method relates the frictional 
component of the two phase pressure loss to that pressure 
loss, if only a single phase were flowing in the tube.
The first work was done by Lockhart and Martinelli 
(75). Pour types of flow mechanism were believed to 
exist, these being -
a. Gas and liquid both in turbulent flow.
b . Liquid in viscous, gas in turbulent flow,
c. Liquid in turbulent, gas in viscous flow.
d. Gas and liquid both in viscous flow.
Lockhart and Martinelli also based their analysis on 
the following postulates -
(i) static pressure drop for the liquid phase must equal 
the static pressure drop for the gaseous phase regardless 
of flow pattern, as long as an appreciable radial static 
pressure difference does not exist.
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(ii) The volume occupied by liquid plus the gas at 
any instant must equal the total volume of the pipe. 
The static pressure drop for the liquid flow may be 
written as -(^V t p p D,'L
and for gas -
■ /TPP D_
The hydraulic diameter for any flow mechanism is related 
to cross-sectional area by -
h  = Y
A_
(Î
Where y and 6 are the ratio of actual cross sectional 
area of flow to the area of circle having a diameter 
Dl or Dg.
From the above it follows -
5“*n
i.e. the ratio of two phase frictional pressure gradient
to that which exists if only liquid phase is flowing
a function only of the fraction of the flow area occupied by
the liquid phase. The ratios of pressure drops are 
2 2denoted by and (|) as the case may be.O
From the above we can say that the ratio of two 
phase friction gradient to that, which would exist for
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either phase flowing alone is a function of the pha#' 
equivalent diameter, and that the latter two quantities 
are a function of x only, where -
X
and for the particular case of turbulent - turbulent flow^
,0.9 ,0.1 . „ .0.5
C t--g
2 2Martinelli and Lockhart argued that ())^ and (j) could be 
correlated uniquely as a function of X. This was verified 
by experimental data and produced a number of graphs of 
<j) against X. This correlation was developed strictly 
for horizontal flow. Martinelli and Nelson (76) 
developed this work for boiling water.
For all practical purposes, any normal forced 
circulation evaporator, would involve only the turbulent 
- turbulent flow mechanism.
Isothermal two-phase frictional pressure drop 
could be calculated as follows -
1 % P P AP\ . :AL^^ ^Ltt
W h e r e / i s  the frictional pressure drop due to two 
phase flow / ^ 1  is the pressure drop if only liquid 
is flowing in the pipe, and ^ parameter obtained
experimentally and found to be correlated by where
X^^ is given by 1 n.2-n , V 2~n
*tt
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Y.The exponent n is obtained by plotting single phasè 
pressure drop vs weight flow. For the data a value 
of n = 0.25 was found.
2 2 The relationship between and is
given by
tt = 2-n ^tt 2.
It was found by the authors (76) for their value of 
n%0.25^ is given by -
,y \0.571 0.143
As a first approximation, it was assumed that a linear 
relationship exists between x and L. Once the quality 
is known the value of is known at any point. 
Martinelli and Nelson (76) introduced another parameter 
which was related to { dp\ by the following
equation - 1.75
l#L = Wo Cl) = Wo 1.75
/ dp\ is pressure gradient for 100% liquid flow.
\4Ljo
So the modified equation for two phase frictional 
pressure drop becomes -
C»)o ■
Where L.H.S. versus x now can be plotted readily for
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any specific pressure. From such a plot pressure drop 
for any given pipe at any given mean pressure P can be 
calculated
^^TPF _ 1     . axAPo
where = exit quality.
Martinelli and Nelson suggested momentum pressure drop 
.^when both the phases are completely mixed^to be correlated 
by the following equation -
= r [  (1-x) + r
and when phases are separated -
,2
So the total pressure drop could be calculated by the 
following equation -
APtp = AP„ + r f
Another modification suggested by Levy (77) is based 
on a momentum exchange model. It is postulated that 
momentum is exchanged between liquid and vapour, 
whenever x and a varies, and that this exchange tends 
to maintain the sum of the friction and head losses 
required for the two phases. They gave an expression of 
this statement as follows-
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- P„ “ PrGPF " V'^-^/LPP
Levy (77) derived two Bernoulli type momentum 
equations, for the liquid phase, 
dp +
W / i®o V^-^/l PP ^o
and for the vapour phase,
dp . d (A^P^V/) + d (A^p^V,,)
Vdl/ç;pp
By using the definition of void fraction and quality, 
both equations could be combined^
_ 1 (l-x)2
"L [ (i_a)2 “ ' (!-«)'
' " " ' ' I " '
Levy (77) also suggested that the equation given by 
Nelson be replaced by.
/ d£\ _ (l-x)l'?5
VII/tPF ' W l o (l-a)2
Chenoweth and Martin (8l) developed a correlation based 
on their own and other workers data, to give pressure
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drop predictions for high pressures and large diameter 
pipes which were better than those calculated from the 
Lockhart and Martinelli correlation. The ratio Lowas plotted as a function of the liquid volume fraction 
with
Go
as a parameter. or APg^ is the single phase pressure
drop based on total mass flow as liquid or vapour. The
authors (8l) reported that predictions in all cases were 
better than - 50%;and for superficial Reynolds numbers
"Rp • r D 4- *^1 1L ” — — ^-4 > 2000, 90% of the data were correlated
+ Lto - 35%. The graph of Martin and Chenoweth (8l) is 
shown in figure 3.
Baroczy (82) suggested that the two phase friction 
multiplier is a function of the ratio of liquid to gas 
viscosities and density ratios, mixture quality and mass 
velocity for the ranges considered. The presence of 
pertinent physical properties of fluids is seen in
and their influence is reflected in the Martinelli-
Lockhart correlation. The inadequacy of function x.^ .^ 
to describe two phase pressure and void fraction for steam 
was made apparent by Martinelli and Nelson, when an 
additional parameter for pressure level was added,
Baroczy (82) proposed a generalised liquid fraction 
correlation. The pressure parameter was made more 
general to be applicable to all two phase.fluids by defining 
it as the liquid to gas viscosity and density ratios
/(p^/pg)*
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Schrock and Grossman (72) did an experimental 
study on the boiling of a liquid in a vertical tube.
A correlation of the local pressure gradients as a function of 
theMartinelli parameter has been obtained to within 
- 15%. They suggested a correlation of the type
AP = 4>|p Vp AL
2 g D
Wallis (83) did experiments on air-water mixtures and 
gave correlations of the type
Where k and b were constants depending on the flow 
regime and pipe diameter, (j> is air flux and V is the 
single phase liquid velocity.
Jakob (74) reported his results of forced 
circulation boiling in an electrically heated horizontal 
tube, by a correlation of type -
and correlated his data to within - 20%.
Eaton (85) recently performed some experimental 
work on crude oil - natural gas two phase mixtures in 
a horizontal pipe. He obtained expressions for the 
liquid hold-up and pressure loss based on the following
energy balance equation.
-144
2
^ Ax = 02 D
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The first term of above represents the change in pressure 
volume energy per unit time , kinetic energy changes are 
represented by the second term, while all the irreversible 
changes are combined in the last term. The f i n  the last 
term is an energy loss factor and is dimensionless.
The energy loss factor was found by solving the above 
equation for f.
He presented plots of
f (L R)°'l versus (Q R)0'5(gB)1.25 ^
Hughmark's (86) pressure drop correlation for gas-liquid 
flow utilises a lost work term from an energy balance 
equation^ and suggested that the lost work term is a 
function of pipe orientation.
Eaton (85) concluded that the effect of flow 
patterns on the energy 1osses is not an independent effect 
and aMhglB energy loss, correlation will suffice for 
all flow regimes, Since the flow patterns are controlled by 
the same variables as the energy loss factors.
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CHAPTER 3.
Plow regime Literature Survey.
Between the limits of all liquid and all vapour 
it would be possible to identify a number of flow patterns. 
Five distinctive regimes have been observed by various 
workers for vertical upflow of adiabatic, two-phase gas 
liquid mixtures in tubes. The various regimes are shown 
in Figure 4.
(i) Bubbly flow. This is a flow characterised by a 
continuous liquid phase with relatively small vapour 
bubbles dispersed somewhat uniformly throughout the 
tube.
(ii) Slug flow. The liquid phase is continuous, but much 
of the gas is flowing in cylindrical bullet shaped 
bubbles. Between the bubbles, there are slugs of 
liquid which may or may not have bubbles in them.
(iii) Annular or climbing film flow. In this regime the 
liquid flows on the wall as an annular film with the 
vapour flowing in the centre of the tube. The film 
is usually rippled and may contain bubbles.
(iv) Spray annular. This is combination of fog and 
annular flow. Some of the liquid flows in an annular 
film and remainder flows as small droplets in the 
vapour core,
(v) Fog or dispersed flow. The gas phase is continuous 
with small drops of liquid dispersed within it.
The latter two regimes were not encountered 
in the present work.
The paper of Lockhart and Martinelli (75) and 
their general approach has been closely followed by most 
researchers working on two phase problems.
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Johnson and Abou-Saba (87) working on a 15 ft 
long tube with air-water mixtures, produced a flow regime 
chart which is shown in Figure 5. They used mass flow 
rates of gas and liquid phase for constructing their flow 
regime chart. Johnson and Abcu.-Saba missed the important 
fact that any prediction method which ignores the velocity 
or density of the phases involved stands little chance of 
predicting regimes outside the pressure range of the 
original work because the gas volume, and therefore both 
gas and liquid velocities would be différent.
White and Huntington (88) conclude from their 
studies that when a small amount of liquid is introduced 
into a pipe, carrying gas only, there is a relatively 
large increase in pressure drop. They suggest that the 
pressure loss is not due entirely to a reduction in flow 
area but may be due to energy expended by the gas in 
creating ripples, waves and slugs. White and Huntington*s 
flow regime chart is shown in Figure 6, which is also based 
on mass flow rates.
Alves (89) concluded from his work that excess 
pressure drop over that of single phase flow of a gas was 
energy expended due to the agitation of the liquid. Alves 
used superficial velocities as his correlating parameter 
for his flow regime chart which is shown in Figure 7.
Baker (90) constructed a chart for predicting the 
flow regimes, using data from the references (93,94,95), 
which came from widely differing systems. Baker's 
correlating groups were used as early as 1939 by Tillson (91) 
to predict flooding velocity in packed gas absorption towers. 
Holmes (92) conceived the correction for fluid properties 
which he characterised by X and Baker's chart which
“ S o ­
is shown in Figure 8, is most commonly used in the Petroleum
Industry. It is a plot of G/A versus LAu,Q
where * = J 1/3
and A = r  (Pq /0.075) (Pl /62.3)J
In Baker’s chart 27% of his original data do 
not fall within the proper regions. This percentage would 
increase if the boundary lines between flow regions were 
accepted as sharp lines of demarcation. Hoogendoorn (101) 
investigated flow regimes and pressure loss in horizontal 
two-phase flow. He derived separate pressure loss equat­
ions on the basis of flow regime and reported that with 
an increase in gas rate while the flow regime changed from 
slug tO'wavy flow, there was a decrease in pressure loss. 
Kosterin (102) o n ‘the basis of his experimental data with 
oil-gas mixtures, produced a flow regime chart. He used 
superficial mixture velocity and void fraction as his 
correlating parameters. His flow regime chart is shown in 
Figure 10.
Gbldmann (103) devised-a flow regime chart for 
a boiling liquid and used total itiass flow rate versus 
quality as correlating parameters.
Bergles and Suo (lo5) obtained flow regime data 
for boiling water in vertical tubes, at pressures of 
500 and 1000 p.s.i.a. They used a resistance probe for 
determining the flow regimes, There was a quartz tube, 
downstream of the resistance probe, for visual observations
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They arranged their probe circuit, to give maximum output 
voltage, when the tube was full of water, across the probe. 
When the tube was full of steam, across the probe the 
voltage signal was zero. They presented their flow 
regime chart using Proud group versus as parameters.
Their flow regime chart is shown in Figure 11.
Eaton and Knowles (10 6) obtained their 
experimental data, with a crude oil-natural gas mixture 
and produced a flow regime chart, using two dimensionless 
groups derived by means of dimensional analysis. The 
dimensionless groups are Reynold’s number and Weber’s 
number.
Reynold’s number is given by -
2
Remn = 1488.2  —  J = ZTP ’ ( D I "TP
Weber’s number is given by -
Eaton and Knowles' (30 6) flow regime chart is
shown in Figure 12. They also plotted ^  versus gas rate,ALand points were connected on the basis of constant liquid 
rates, as shown in Figure 13. They pointed out that 
stratified,wave, ripple and slug transition flow regimes 
occur on the horizontal portion of curves in Figure 13, 
and slug, mist, Annular and froth are present on the 
upper portion of the curves. It was concluded that since
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most changes in flow regime do not affect pressure loss, 
and since there is only one change in the slope of the 
curves in Figure 13, then perhaps, the changes in the flow 
regimes have no direct effect on the pressure loss.
It was decided to include the flow regimes 
studies, in the evaporator tube, in the present work, 
details of which are given in Chapter 11.
— 63 ”
CHAPTER.4
Description of Apparatus. The apparatus consisted 
essentially of a steam heated, single tube, natural 
circulation evaporator. A positive displacement pump 
was used to supply water at various pressures to the 
bottom of the evaporator tube, each pressure corresponding 
to the required degree of submergence, of a natural 
circulation arrangement. The equipment was designed so 
that the heated tube could be investigated with or without 
a contraction at its entrance. The contraction was 
achieved by fixing a 40 in. diameter 4ft 6 in. deep tank 
below the entrance. After the observations were made with 
the tank, it was replaced by a 2 in. diameter tube, so that 
there was a calming section proceeding the tube.
A general flow diagram is shown in the figures 15 and 
16. Figures 17 and 18 show the photographs of the equipment 
and layout of the apparatus.
i) The Feed circuit. Distilled water was supplied from 
the header tank (1), make up feed being pumped up from 
the storage tank (2). The water was kept at boiling 
temperature in both the tanks by live steam. The tank (3) 
was used as a storage tank. The positive displacement 
pump (4) was used to maintain a constant value of 
submergence indicated on the stand pipe. The corresponding 
flow rate was measured using a calibrated orifice meter (5). 
In order to eliminate the non-boiling section in the 
evaporator tube, the temperature of the feed at the tube 
inlet was raised to its saturation temperature. To 
establish that saturation temperature had been reached 
comparison was made between the saturation pressure 
corresponding to the.measured inlet temperature and the
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measured inlet pressure.
ii) The : e Vapdr at or tube. The evaporator tube investigated 
was made of Copper 2 ih, I.D. and 4 in, O.D, The 1 in. 
wall thickness was chosen so thàt accurate temperature 
measurements could be made. The heated length of the tube 
was 9 ft. l8 copper/constant an thermocouples equally 
spaced along the tube length were used to measure wall 
temperatures. The thermocouples were fibre glass insulated 
and cemented into a depth of 0.5 in. with an epoxy resin.
In order to obtain local values of heat fluxes, six equally 
spaced condensate catch pots were soldered along the tube 
length. Figures 19 and 20 show the tube arrangement.
Figure 21 shows the steam preheater.
iii) The Steam Jacket. A diagram of the steam jacket 
is shown in figure 22, The method of removing the 
condensate from the catch pots, through the jacket wall 
together with pressure tappings is shown in figure 23. The 
method of passing thermocouple leads througli the jacket wall 
is shown in figure 24.
Four pairs of flanged 4 inch pipe stubs were welded 
into the steam jacket, which enabled the condensate lines, 
thermocouples and pressure tappings to be connected inside 
the jacket when installing the tube. The jacket was vented 
to prevent the buildup of non-condensibles. Two bourdon 
type pressure gauges were used to measure steam pressure.
The condensate from the jacket wall was discharged through 
a steam trap.
The top of the tank acted as bottom end plate for the 
steam jacket. The tube was flush with the tank top to give 
a sharp edged entry. The lowest collecting pot was made 
with a 0.5 in. brass flange and was bolted to the top 
of the tank as shown in figure 25.
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iv) Steam Supply Steam was supplied to the jacket via 
three globe valves in parallel (0.5* 1 and 2.0 in.) 
enabling the working pressure to be regulated accurately, 
through a simple moisture separator. In order that steam 
side heat transfer coefficients were as high as possible, 
provision was made for injection of oleic acid into the 
steam supply to promote dropwise condensation (lOg),
Figure 33 shows the arrangement for oleic acid injection.
The enthalpy of the inlet steam was determined for 
each run by the method given by Lyle (lio).
v) Stream temperatures. Water stream temperature was 
measured by a travelling thermocouple which was made from 
24 gauge copper/constantan wire, PTFE sleeved.
The thermocouple wire travelled on the pulleys, made into 
a rectangle, and by positioning the marker on the scale, the 
exact location of the thermocouple bead inside the tube 
was known. The scale was marked with the positions of the 
wall thermocouples. The thermocouple bead was kept in the 
centre of the tube with the help of spider device. The 
thermocouple wires were cemented to the spider with an 
epoxy resin. Another wire was fixed to spider which was 
used as a resistance probe.
Other stream temperatures were measured by mercury in 
glass thermometers which were NPL calibrated. The spider 
was made of PTFE as the resistance probe required a 
non-conducting material. Details of travelling thermocouple 
wire and probe arrangement are shown in figures 26, 27, 28 
and 29.
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vi )'• Thermocouple measuring circuit. In order to obtain 
as high a degree of accuracy as possible in the measurement of 
tube wall and stream temperatures, due to larger scale per 
e.m.f. over a standard recorder, the temperature of the 
thermocouple reference junction was that of atmospheric 
steam. The outputs from the thermocouple were measured 
by a single point potentiometric recorder. The temperature 
of the reference junction was measured by a thermometer 
which had a range of 209-213^? divided to 0.1°F. The 
outputs from either the tube wall or travelling thermocouple 
could be selected by means of a 24 position 2 pole switch.
A diagram of the circuit is shown in figure 30.
vii) Condensate metering. The condensed steam from each 
of the six catch pots, after being taken out through the 
wall of the steam jacket, passed via strainers, to six 
independent float type steam traps. This type'was used as 
it gives a continuous discharge of condensate. Two-way 
cocks on each trap enabled the condensate to be either 
metered or passed to drain. The condensate rate was 
measured by passing it into a vessel containing cold water 
over a given time interval and weighing the increase of 
weight. This method overcomes the problem of flashing of 
a part of the condensate.
viii) Pressure measurements. The feed inlet pressure and 
the pressure loss over the tube length were measured by two 
interconnected mercury manometers as shown in figure 31 and 
32. A standpipe connected from the bottom pressure tapping 
and from the cyclone separator gave the submergence and is 
shown in figure 32. The inlet pressure was measured just 
before the liquid entered the evaporator tube. There were
6 pressure tappings along the heated length of the evaporator
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tube, and details of these are shown in figure Mercury 
manometers were used to measure the static pressure. The 
manometers were at the same level as the pressure tappings, 
to avoid corrections. The pressure tapping connecting 
tubes inside the steam jacket were insulated with fibre 
glass to minimise boiling in the tubes. Tee pieces were 
fitted on each manometer to purge any vapour in the line 
before a measurement was taken. The arrangement of the 
manometer is shown in figure 31.
ix Orifice plate meter. The throughput for all runs 
was determined by the pressure drop across the orifice 
meter, the method of calibration is given in the calibration 
section.
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CHAPTER 5.
Calibrations and Experimental Procedure.
5.1. Calibrations.
(i) Tube wall thermocouples. The steam pressure in the 
jacket was kept constant, with the ends of evaporator 
tube blocked, the outputs from the wall thermocouples 
were registered for various steam pressures, these outputs 
being allowed to stabilise before each set of readings 
was taken. The temperature of the steam was measured
by two calibrated thermometers.
The temperature of the reference junction was 
recorded for each set of readings and correction made to 
each wall temperature so that 212°F could be used as a 
fixed reference junction. This also applied to the actual 
experimental runs. The correction is justified because 
of the linearity of the e.m.f. temperature relation over 
the range used.
(ii) Travelling thermocouple. The travelling thermocouple 
was adjusted to bring the junction next to the thermocouple 
at the bottom of the evaporator tube. Water heated to 
various temperatures in the tank was then pumped around 
the circuit and corresponding thermocouple temperatures 
were recorded.
(iii) Thermometers. NPL certificate thermometers were 
used to check those measuring steam, inlet water, reference 
junction and ambient temperatures.
(iv) Orifice meter. For various pressure drops across 
the orifice, the time taken for the collection of a 
known weight of water to be collected was measured, at a
— 6g —
given temperature. Thus, a correction was needed for 
the operating temperature.
For an orifice 
W a /ph
If subscript 1 = calibrated value and temperature 
and subscript 2 = operating value and temperature
a /pg
and for the same h
/Pg/ /Pl
Therefore actual flow rate = calibrated flow rate x /p^
/Pi
and so the calibration curve was prepared for the 
operating temperature.
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5.2. Starting up and experimental procedure.
When starting the apparatus from cold the 
following procedure was adopted.
The two pumps were started, steam supplies to 
the tanks, the preheater and the steam coil were opened. 
The immersion heater was turned on. When the temperature 
of the water entering the test section reached near 
boiling point, the steam supplies to the jacket and the 
reference junction were opened.
The condensate from the float traps was directed 
to the drain, all manometer lines purged and a small 
quantity of oleic acid injected into the main steam line 
to the jacket.
When the water in the header tank reached 
near boiling point, the steam supply was adjusted to keep 
the temperature stable. The bypass valves on the positive 
displacement pump were adjusted to give the value of 
submergence required. The supply to the steam coil in 
the entrance tank was adjusted to give the saturation 
temperature at the inlet to the test section, and the 
main steam supply to the steam jacket was adjusted to 
give the desired pressure.
The pen recorder was turned on and the apparatus 
left until steady values of tube wall thermocouple e.m.f's 
were obtained.
When conditions had stablised, the thermocouple 
measuring circuit was checked with a potentiometer and 
the following measurements were taken.
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(ï) Plowrate.
(II) Inlet pressure.
(III) Pressure difference between the ends of the test 
section.
(IV) Static pressures along the heated length,
(V) Tube wall thermocouple e.m.f’s.
(VI) Travelling thermocouple e.m.f’s at positions 
corresponding to the wall thermocouples.
(VII) Resistance probe output on U.V. recorder at 1 ft. 
intervals along the test section.
(VIII) Reference junction and ambient temperatures.
(IX) Submergence.
(X) Steam pressure and temperature in the jacket.
(XI) Inlet feed and outlet mixture temperatures.
(XII) Condensate flowrates.
The value of inlet steam enthalpy was 
determined by the method of Lyle (110).
During the run frequent checks were made of 
steam pressure, submergence level and inlet conditions.
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CHAPTER 6 .
Theoretical Considerations.
General. A review of the important correlations available 
for the prediction of heat transfer rates to boiling liquids 
in a vertical upward flow is given in the literature survey.
At present, dimensional analysis is the accepted 
method of correlating turbulent convection as no general 
theory of turbulence is available.
In the nucleate boiling region of an evaporator 
tube, the mechanism is one of heat convection to liquid \ 
followed by evaporation into the bubbles. It is the agit­
ation of the liquid by the bubble formation which principally 
determines the convection process. Correlating equations 
therefore, have been of the Dittus-Boelter type but have 
used the bubble diameter as the characteristic dimension 
together with bubble velocity.
When boiling is suppressed in an evaporator 
tube, the principal heat flow mechanism is convection, 
and for this reason, Dittus-Boelter equations based on 
dimensional analysis have been used for correlating the 
heat transfer.
The present work involved both mechanisms to a 
greater or lesser degree, and for the foregoing reasons 
the dimensional analysis approach was adopted.
“ 73 *“
6.1.1. Dimensional analysis -
6.1.2. Selection of variables -
The heat transfer coefficient is expected to
be influenced by -
(i) The heat flux ^;this together with latent heat will 
determine mass of vapour generated.
(ii) Latent heat X, which has been explained in (i).
(iii) The total mass velocity G.This will influence 
the degree of turbulence in the tube.
(iv) The characteristic dimension D, and also the length 
L, because it is known that the transfer mechanism 
changes along the tube.
(v) The system pressure P, which will control the 
volume of vapour produced.
(vi) The liquid viscosity which will influence the 
degree of turbulence produced in the liquid,
(vii) The heat parameters thermal conductivity k^ and 
specific heat capacity which influence the 
heat transfer process.
(viii) The surface tension a which will influence the 
size of the bubble.
6.1.3. Derivation of the dimensional analysis -
From the preceding section the variables to be considered
are -
X, G 5 ^ ^ L
An equation may thus be written;
- y 4 —
h^p = (G)'^  (Cp^)® (X)f
( § ) ^  (D)^ (o)i (P)j (L)°
where b, c, d, e , f, g, h, i, J, and o are ail constants 
Expressing this dimensionally -
H  _ / H   ^ O / M  \ d /  H  \® / H
£ 2 - ^ -  M w  v ® ;  (â ) w  1" ;
g
Equating the indices
M ; 0 = c+d-e~f+i+j (1)
L : -2 = "b-C" 2 d + h ~ 0 “2g (2)
T: ~1 = -b-c-d-g-2i-2j (3)
6 ; “1 = -b~e (4)
H: 1 = b+e+f+g • (5)
There are five equations and ten variables, therefore 
the solution will be in terms of d,e,i,g and o.
From (4) b = l~e (6)
From (4) and (5) f = -g (7)
Equation 2 x (1) + (3) gives -
“1 = c+d+2e-2f “b*g 
Inserting (6) and (7)
-1 = c+d*~2e+2g“l+e~g
c = e-g”d (8)
- 75 -
From (3) inserting (6) and (8) .
-1 = ~l+e~e+g+d-d-g-2i-2j 
/ J = -i (9)
Irom (2) inserting (6), (8) and (9) •
-2 = “1+e-e+g+d-2d+h+i+o-2g
/> h = -l+d+g-i”0 (10)
Rewriting the original equation in term of o,d,e,i and g.
hjp = (Q)d (X)-S
, rs\B -l+d+g-i-o i -i o ( §) (D) (o) (?) (L)
Collecting the terms into dimensionless groups -
^TP ^ n f ^r\Tc f £ - V
O /o n \S/ L r  / Q D V ÏÏj \^ A M]
6.1.4. Explanation of the groups.
are Nusselt's, Reynold’s and Prandtl’s groups respectively
76 “
DX yj. A j
By substituting for y^ from Reynold’s group it becomes 
A X G D ^ KG 
which could be written as.
Till) ^
A Reynold’s group is already included.
The i Q \ group is the ratio of the mass of the steam 
[W k jgeneration rate per unit surface area, to the liquid 
mass rate per unit cross-sectional area. This group 
was obtained before notably by Davidson i l ^  , who used 
it as a correlating parameter for his measured overall 
heat transfer coefficients.
2.) (jT /p^
The significance of this group, could be explained by 
reference to an equation obtained by I^enkel (15), for the 
minimum size of a thermodynamically stable bubble, at 
a given temperature difference, viz.
^wall " ^sat ’  sat _ wall In (1+ )
Where r* is the radius of the bubble, and R universal 
gas constant.
From this expression it can be seen that for 
a given temperature difference, c/p is proportional to
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the bubble radius.
The group may therefore represent the
bubble diameter divided by tube diameter.
6.1.5. Final form of dimensionless equation.
From the consideration of preceding sections the 
final form of the equation could be written as -
D
6.2. Pressure drop correlation.
In two phase flow with evaporation the flow 
dynamics is very complex. The flow is accelerating 
because the quality is steadily increasing. The rate of 
change of the parameters affecting pressure drop may be 
as significant as their local values. One approach to the 
pressure drop problem is to try to separate the frictional 
acceleration and elevation effects. Unfortunately all 
three effects are not independent, since it is the velocity, 
density and void fraction across the tube which determines 
these effects. Without considering the density and void 
fraction, it is impossible to separate the three effects 
of total pressure drop.
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Most of the work in two-phase pressure drop hhh 
been based on the Lockhart and Martinelli (75) approach, 
which has been extended by Martinelli and Nelson (76) 
to boiling. Martinelli and Nelson (76) obtained the 
following correlation.
Schrock and Grossman (72) correlated their experimental
data for total two-phase pressure drop during boiling
using the Martinelli parameter and reported that
correlation is as accurate as the two-phase frictional
pressure drop correlation obtained by Martinelli and
Nelson (76). The Schrock and Grossman (72) correlation
was not expected because the acceleration of the fluid
is dependent upon the rate of vaporisation, which is
proportional to boiling number f Q \ , and should beI XGA )independent of the Martinelli parameter.
Wallis (83) correlated his results for air-water 
mixtures for total pressure in horizontal tubes by the 
expression,
AP,j,p = AFgpL + APgp^ f( (j)/v)
and Jakob (84) for forced circulation boiling system by,
APpp = APgpL + APgpL ^ (%o)
In the present work the physical property terms 
in the Martinelli parameter are constant and only the quality
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varies. This indicates that in this case, the use of the 
parameter is not necessary, and the following correlating 
equation in which the dimensionless pressure drop is shown 
as a unique function of the quality is considered to be 
sufficient.
The quality at the exit (x^) was obtained by calculating 
the mass of vapour produced by the boiling process, and 
that part of steam vapourised due to reduction in 
pressure i.e. flashing.
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CHAPTER 7
Calculations
7.1. Heat Flux. Values of heat flux for each of the six 
sections were obtained from the enthalpy of the inlet steam, 
and the flow rate of that condensed on the tube wall, by 
measuring it during a given time interval.
To check this method of obtaining heat flux a separate 
experiment was performed in which cold water was passed 
through the test section and heated by condensing steam to 
a temperature below its boiling point. The heat flux was 
calculated by two methods.
a) By metering the condensed steam.
b) From the mass flow rate of water and its inlet 
and outlet temperatures.
The deviation between the methods for obtaining heat
flux fell within - 2%.
7.2. Boiling Side temperature difference. The tube wall 
temperature was determined at the centre of the tube wall. 
From this and the heat flux for a particular section the 
temperature at the inside surface of the tube was calculated, 
This together with the corresponding axial stream 
temperatures, established the boiling side temperature 
difference.
7.3. Mass flow rate. The flow rate was read from a 
calibration chart for the orifice meter.
7.4. Pressure Drop. The static pressure for the bulk 
boiling region and the pressure drop across the test section 
were calculated from the manometer readings as explained
in Figure 31.
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7.5. Exit quality. The values of exit qualities used 
for pressure drop correlations and flow regime charts were 
determined from the mass of vapour produced toy the boiling 
process, which was calculated from the heat flux, and that 
part of the feed vapourised due to the reduction in pressure 
(i.e. flashing),
7.6, Single phase liquid pressure drop. Values of 
APgpL used for the correlation of two phase pressure drop 
data, were calculated from the Blasius equation
APgpL = 0.316 (RejO-25
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CHAPTER 8
8.1. Heat transfer results.
Tables of experimental and calculated results for each 
run are given in the Appendix I of this thesis. Some of 
these results are presented graphically.
8.2. Determination of the constants for the dimensionless 
equation of Section 6.1.5.
The I.C.L. statistical analysis mark (2) 12, computer
program was used to obtain the constants in the correlating
equation by the method of multiple regression analysis.
This utilised the data from all the six sections.
Using the student t-test the confidence level was
99*9^. The square of the multiple correlation coefficient
was 0.989 and 0.992 for entrance and without entrance cases
respectively, and hence it is declared that the correlation
equation is established. The standard errors of the
exponents and proportionality constants are.
Entrance % Without Entrance %
Re 2.6 1.9
LD 2.2 1.8
QAGA 2.9 2.3
orPD 4.2 3.4
Constants = 2.4 1.9
Giving the following mean deviation between measured and 
calculated values.
With entrance Without entrance
6 .21% 5 .68%
In the present work only distilled water was used,and 
so there was virtually no variation in the Prandtl group.
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For this reason, it was decided that the exponent on tSi§ 
group should be taken from the work of Piret and Isbin (33).
The results of computer program gives the following 
correlation for the tube with an entrance region.
The equation correlates 90% data to within -20% and 
data to within - 30%.
The correlation for the tube without an entrance is 
given by:^ = 0 . 1 2 ( P r ) ^ ° - 6 ( R e ) ^ 0 - 2 8 ( L ) 0 . 1 i * ( ^ ) 0 . 2 7 ( ^ ) - 0 . 6 5  
L
The equation correlates 98% data to within - 20% and 
99% data to within - 30%.
These results are shown in figures 34 and 35 
respectively as experimental Nusselt group versus those 
calculated from the above equations.
Figures 36, 37# 38 and 39 present the correlation 
equations graphically, confirming the exponents on Reynolds and 
groups.
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CHAPTER 9.
Discussion.
9.1. Heat Transfer.
Graphs are presented in Appendix 2 of heat transfer 
coefficient, tube axis, and tube wall temperature versus 
length, for with an entrance and without.
It is generally accepted (4l, 53# 111, 112) 
that a point of inflexion occurs at a change in flow regime 
from nucleate boiling to one of forced convection. It 
has been postulated (53) that the change in regime is due to 
suppression of nucleate boiling because of the effect of 
vapour induced increase in velocity.
9.2. Effect of heat transfer parameters.
Increasing film temperature difference increases 
the heat flux and consequently the mixture velocity leading 
to an increase in the convective heat transfer coefficient. 
Increasing temperature difference will also increase the 
number of nucléation sites and the growth rate of the 
bubbles, leading to greater turbulence in the laminar 
sublayer and tending to increase the heat transfer 
coefficient in the nucleate boiling region. Increasing the 
mass velocity would increase the heat transfer coefficient 
in the forced convective region. In a region of nucleate 
boiling however, the mass velocity would have little effect, 
as the disturbance due to bubble formation and detachment 
is greater than that due to fluid turbulence.
9.3* Heat transfer mechanism.
When heat is transferred to a liquid at its
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boiling point, the normal mechanism involved is the 
formation of vapour bubbles, at the heated surface. To 
form a vapour bubble it is necessary to give sufficient 
superheat to an element of liquid. The time of contact 
of any element with the heated surface is governed by the 
degree of turbulence. The rate at which an element will 
acquire the necessary superheat will be governed by the 
physical properties of the liquid, the temperature 
difference between the hot surface and liquid and the contact 
time. We would expect that for a given liquid and degree 
of turbulence, there will be a certain critical temperature 
difference between saturation and surface temperatures 
below which no nucléation can occur. This effect has been 
inferred previously, and it has been observed (73) that 
under conditions where nucléation has occurred, there has 
also been an increase in heat transfer coefficients over 
and above that due to convection. This is due to the dis­
turbance in the laminar sublayer caused by bubble formation 
and detachment from the heating surface.
In climbing film flow, the bubbles are swept 
from the nucléation sites by the movement of the liquid 
film. The larger bubbles tend to break into the vapour 
core, whilst the smaller ones tend to be carried within 
the liquid film. The effect of varying mixture quality 
is to increase the vapour rate at the expense of liquid 
rate. We would therefore expect that it would result in 
increased turbulence in the system and a thinner liquid 
film on the heated surface. Both of these effects could 
account for the strong influence of quality on the heat 
transfer coefficient.
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9.4, Correlating equations.
With an entrance,
Nu = 0.38(Pr)°'G (Re)°‘55 / Q f * ^ / a
Without,
Nu = 0.12 (Pr)°‘® (Re)?'^® / L Q( Ü  j VXÏÏÏ I V PD ;
The above two equations were obtained in Section 8.2,
There is no work available with which the results of the 
case with an entrance can be compared. The proportionality 
constants and exponents on the dimensionless equations 
are discussed in the following sections.
9.4.1. Proportionality constant.
It is generally accepted that the proportionality 
constant in a dimensionless equation is principally 
determined by the geometry of the system. The difference 
between the values obtained for with an entrance and 
without, in this work is a reflection of this at the 
beginning of the heated length.
9.4.2. Exponent on the Reynold’s group.
With an entrance,
hrpp « (Re)0'35
Without,
h^p “
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As flow conditions are characterised by the Reypol-d’f 
group, the turbulence due to an abrupt entrance would 
increase the shear stress.
From the Blasius equation, which relates to 
the friction factor for a smooth pipe without an entrance,
f = K (Re)"0'25
For a pipe with an entrance Ross (140) gives the 
following relationship,
fe z Kg
From Colburn’s heat-momentum transfer analogy,
h_ (Pr)2/3 = f/2 = K (Re)"°'25 CQ
i.e. h “ (Q)°'75
With an entrance it would be,
(Pr)2/3 z fe/2 = k (Re)"°*^^
W  ®
hg
From forced convection considerations alone, one would 
therefore expect the heat transfer coefficient to be 
more sensitive to the Reynold’s number in the case of an 
abrupt entrance than in the case without.
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9*4.3» Exponent on the Prandtl group.
In the present work only one liquid was used 
(i.e. distilled water) and so there was virtually no var­
iation in this group. For this reason it was decided to 
use the exponent found by Piret and Isbin (33) as explained 
in Section 8.2.
9.4.4. Exponent on the Length-diameter ratio.
With an entrance,
hçp « (L/D)0'06
and without an entrance,
hj,p = (L/D)°'l4
This shows that with an entrance the (L/D) group has a 
smaller effect than without one.
When boiling takes place a disturbance in the 
fluids occurs which increases the heat transfer coefficient 
above that which would occur by convection alone. This 
disturbance transmits itself to the flowing fluid, though 
not instantaneously because of the fluid inertia. The 
length of the tube required for the fluid to become fully 
developed would be determined by the initial turbulence of 
the fluid entering the tube. However, because there is 
a continuous change in the quality of the fluids a fully 
developed state is never achieved, and the actual fluid 
flow state always lags behind the nominally fully developed 
state.
The groups which determine the flow conditions 
have been considered in the correlating equation. The 
increased disturbance due to an abrupt entrance appears
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therefore to bring the fluid closer to this nominally 
fully developed state in a shorter length making this 
case less sensitive to the L/D ratio.
9.4 .5. Exponent on Q group.XGAWith an entrance 0.3hrpp ( l§ l )
and without 0.27h. 0=TP ( XGA I
This group has also been referred to as the Boiling 
Number (73).
From the above, we observe that the difference 
between the exponents on quality, for with and without 
an entrance is small.
The flow regime studies included in this work 
suggest that transition from bubbly to slug flow takes 
place at an apparent quality of about 3.5 to 6.0% for an 
entrance and at about 4,0 to 6 .5% for without one. This 
would suggest that due to the additional turbulence with 
an entrance there is an increase in the collision 
frequency of the bubbles. It has earlier been reported 
by Radovich and Moissis (142) that as the collision 
frequency increases, bubbles coalescence faster and slug 
flow is established sooner. This would suggest that 
nucleate boiling is suppressed at a lower quality for an 
entrance giving higher heat transfer coefficients. It 
has been reported (l4l) that quality has little effect 
in the nucleate boiling region. It would seem therefore 
that this greater sensitivity to quality for an entrance 
could be due to this transition from bubbly to slug flow
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at a lower quality.
9.4.6. Exponent on c group 
With an entrance,
/ o  \ -0-54“ ( p d )
and without,
•0.65
^TP (fe)
It has been shown in Section 8.6 that this group is a 
measure of the ratio of bubble diameter to tube diameter.
For the case with an entrance, the bubbles are detached 
earlier and at a relatively smaller diameter. This would 
mean that a relatively smaller portion of the tube surface 
would be blanketed by vapour bubbles. The same proportionate 
change in vapour blanketing in both cases would have a 
relatively smaller effect on the heat transfer coefficient 
in the case with an entrance, because there is less scope 
for the further reduction of the blanketing. The heat 
transfer coefficient is therefore less sensitive to
a in this case.PD
9.5. Axial heat transfer, profiles.
From the heat transfer profiles (some of which 
are shown in Figure 40 - 52) it was found that the average 
heat transfer coefficients are 30% higher in the case with 
an entrance. This is believed to be due to the reduced 
vapour blanketing caused by the increased frequency of 
nucléation, as a result of increased shegr which causes
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the bubbles to be detached at smaller diameters.
In the case with an entrance, the heat transfer 
coefficient usually first decreases along the length 
as the effect of the flow disturbance at the entrance is 
dissipated. After this the coefficient increases in a 
similar manner to that of the case with^'an entrance, but 
because a greater volume of vapour is present, the coeffic­
ient is higher at equal lengths.
From the heat transfer profiles it can be seen 
that heat transfer coefficients tend to be greater at 
greater temperature differences. This is mainly due to 
the increase in the number of nucléation sites as observed 
by Griffith and Wallis (143) and Strenge and Westwater 
(144).
McNelly (21) reported from his work that as the 
velocity was increased the nucleate boiling region was 
shortened. The effect of an entrance seems to be similar 
to the findings of McNelly, that with a greater turbulence 
the forced convection mechanism would occur over a larger 
portion of the tube, giving higher heat transfer 
coefficients.
It is noticed from the Figures 40 and 52 (for 
the same jacket pressure but different mass velocities) 
that for the case without an entrance, mass velocity has 
little effect on heat transfer coefficients in the earlier 
part of the tube, suggesting that nucleate boiling there, 
is the dominant heat transfer mechanism. As the vapour 
volume increases, forced convection becomes the dominant 
heat transfer mechanism as indicated by the rise in
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coefficient. Prom Figure 52 it is observed that at the 
upper part of the tube the heat transfer coefficient drops 
and there is a small increase in temperature difference.
This could be due to the slugs sweeping away the liquid 
from the tube surface, leaving dry wall conditions 
intermittently. This was obtained at a quality of 25 and 
50% for without and with an entrance respectively.
From figures 40, 41 and 50, 51 it can be seen that heat transfer 
coefficients are higher for greater temperature difference. This 
is due to the greater superheat available for nucléation which increases 
the nucleate boiling contribution.
With entrance effects, as a result of increased turbulence, bubbles 
are detached at a smaller diameter, and frequency of bubble formation at 
any spot is increased and smaller area of the heat transfer surface is 
therefore covered with vapour.. This increases the heat transfer 
coefficient. This effect has been previously reported by Sterman (66) 
and Pramuk and Westwater (69) and can be easily observed by stirring the 
boiling water in an electric kettle.
An increase in the vapour content leads to a rise in turbulence in 
the liquid film, and the film is also thinner. Hence with entrance effects 
the heat transfer coefficients are higher all along the tube than without 
entrance effects.
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CHAPTER 10.
Pressure drop results.
10.1. Pressure drop correlating equations.
As discussed in Section 6,2, the following 
expression was used to correlate the data from the present 
work :
%  /  %  - "  " 3 . )
An I.C.L, multiple regression analysis 
computer programme was used to find the constants in the 
above equation. The results of the computer programme 
gave the following correlation constants.
With an entrance,
AP^p / APgpL , JO.81
AL iir " 1 : l890(Xo)
The equation correlates 95% data to within - 20% 
and 98% data to within - 30%.
Without 5
The equation correlates 95% data to within - 20% and 
100% data to within - 30%. The correlations are shown 
graphically in the Figures 53 and 54 respectively as 
experimental pressure drop versus those calculated from the 
above equations.
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10.2. Discussion.
Eaton (85) obtained a graph (shown in Fig. 13)# 
of pressure drop versus volumetric gas rate for constant 
liquid rates. In this graph the slope changes rapidly 
at the point where the flow regime changes from slug to 
climbing film flow. In the case with an entrance the 
slug flow regime is obtained at a relatively smaller 
quality as mentioned in Section 9.4.5.
The greater sensitivity of pressure drop on 
quality for the case with an entrance could be due to a 
larger portion of the tube being occupied by slug and 
climbing film flow regimes. It is seen from Fig. 13 that 
pressure drop is more sensitive to volumetric gas rate 
in the region of slug and climbing film flow regions.
Fig. 55 shows a relationship between mass velocity 
and pressure drop at a given heat flux. It is observed 
that for a given heat flux and mass velocity one would 
obtain a higher pressure drop with an entrance. This could 
be due to the greater frequency of bubble formation, in 
the earlier part of the tube. Due to the greater pressure 
drop with an entrance, the quality would be higher because 
of the flashing. In the later part of the tube, after 
the climbing film regime is established the pressure drop 
curve will have same slope for both cases, as shown in 
Fig. 13.
Fig. 56 shows the total pressure drop along 
the tube versus the mean heat transfer coefficient at a 
given temperature difference. From this Figure it is noted 
that at a certain pressure drop# the heat transfer coefficient
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is about 15% more in the case with an entrance compared 
to that without. At other temperature differences the 
difference in coefficient has been found to be of the same 
order of magnitude. It can also be seen that a maximum 
heat transfer coefficient occurs for both cases.
Figure 57 is a graph of static pressure versus 
tube length, at constant mass velocity and jacket steam 
pressure. The gradient of the curve with an entrance is 
greater than without an entrance, in the earlier part 
of the tube. This could be due to the higher frequency 
of the nucléation, as bubbles are being detached from 
the tube wall at smaller diameters and consequently increas­
ing the shear stress for the case with an entrance. After 
4 ft of the length the gradient is about the same for 
both cases suggesting that nucléation is suppressed and 
climbing film regime is established.
At present, Martinelli and Nelson’s (76) work 
is widely used (54, 55# 6I) but Perkins (139) found that 
predicted values by Martinelli and Nelson’s (76) correlat­
ions were lower than the measured by up to 75%. It should 
be pointed out that Martinelli and Nelson state that their 
correlations apply to horizontal systems. For vertical 
systems# the slip ratio has been reported (145) to be 
greater than that for horizontal ones, thus increasing the 
liquid hold-up and consequently the elevation pressure 
loss. These considerations could explain why predicted 
values by Martinelli’s and Nelson’s (76) correlation 
are lower than those measured by Perkins (139). Dukler 
et al (83) found that the Lockhart and Martinelli (75)
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correlation upon which Martinelli and Nelson’s correlation 
is based showed greater deviation for lower pressures.
Perkin’s data fell within - 20% using the 
correlation of the present work without an entrance.
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CHAPTER 11.
Flow Regime Studies.
11.1. Introduction.
When boiling occurs in a flowing liquid inside 
a tube, various flow regimes occur along the length. Most 
of the prediction methods available for flow regimes are 
based on observations on adiabatic gas-liquid flow. It 
has been shown by Hsu and Graham (117) that the same quality 
and mass flow rate will not necessarily give the same flow 
regime in both adiabatic and non-adiabatic two-phase flow. 
Therefore the several prediction methods for the adiabatic 
case cannot be used for the case of boiling in a tube.
The present work therefore includes a flow regime study, 
for boiling in a vertical tube. Bubbly, slug and 
climbing film regimes were encountered and a method of 
flow regime prediction was developed.
11.2. Techniques for identifying two-phase flow regimes.
Numerous methods have been reported for obtaining 
flow regime information for two-phase flows with heat 
addition. All those listed have been developed and used 
to analyse the flow regimes for two-phase systems.
(i) Observation of flow within a test section, (visual 
observations, still, motion or x-ray pictures. 118, 
119, 120, 121).
(ii) Observation of the flow at the exit of the test 
section (visual, still, or motion pictures 121, 122).
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(iii) Radiation attenuation (123).
(iv) Hot wire probes (124, 125).
(v) Sampling probes (126, 127, 129, 130).
(vi) Electrical probes (131, 132, 133, 134, 135),
11.2.1. The Technique adopted.
The resistance probe method used by Bergles and 
Suo (105) was adopted as it gives good results and involves 
the least complex instrumentation. The variation in 
resistance with time between a point in the centre of the 
tube and the wall is recorded on a high speed recorder.
The pattern of the trace identifies the flow regime.
The trace pattern produced by each regime is determined 
from the use of the probe in a tube carrying air and 
water, where the flow regime can be identified visually. 
Three flow regimes, bubbly, slug and climbing film flow 
were recognised in present experiments.
11,3. Apparatus.
11.3.1. The Probe.
The probe consists of an insulated copper wire 
which passes down the centre of the evaporator tube. At 
the point of measurement a length of insulation 0.006 in. 
long is removed. By moving the wire, this point, which is 
held by a PTFE centring device, can be moved to any 
required position in the tube.
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11.3.2, The Measuring Circuit.
The circuit is shown in Fig. 58* A 6 V battery 
is connected in series with the Probe, tube and an ultra 
violet high speed recorder (Honeywell I706 visioorder).
The recorder is shunted with a IMohn and a variable resistor 
in parallelj the latter giving a means of adjusting the 
sensitivity of the circuit,
11.3.3. The Calibrating Tube,
2 in. I.D. and 1 ft long Perspex Sections and 
2 in. I.D, and 6 in, long copper Sections are connected 
alternately to give a vertical calibrating tube 9 ft long 
as shown in Fig. 59* The resistance measurements are 
made in the copper sections and the two-phase flow in 
the perspex sections is photographed by still and cine 
photography. Measured quantities of air and water are 
supplied to the bottom of the tube from separate pumps.
Ilk4. Experimental Procedure for Calibration.
By adjusting the air-water ratios and quantities 
the desired flow regimes were obtained. For each regime 
the probe was positioned and the trace output was recorded. 
The flow regime was identified by visual observation.
Still and cine photographs were also taken to assist in 
establishing where the change from one regime to another 
occurs. The identification of flow regimes was based on 
the following criteria;
(i) The bubbly flow regime was recognised by a continuous 
liquid phase with small vapour bubbles dispersed
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within it.
(ii) The slug flow regime was recognised by large bubbles
having a diameter of the same order of magnitude,
as that of the tube.
(iii) The climbing film flow regime was recognised by 
a thin film of liquid, usually quite turbulent, 
flowing along the wall, while vapour and fine droplets 
flowed in the centre of the tube.
Experiments were also performed with water-air
mixture at 90-95^C to find the effect of water temperature
on the trace output. These experiments were performed 
in the evaporator tube using a glass sight section at 
its exit for visual observations, and the trace output 
was recorded for various flow regimes. It was found that 
for a given flow regime the pattern of the trace output 
was the same in both cases, though the average trace output 
for water-air mixtures at 90-95°C tends to be towards the 
vapour side.
11.4.1. Results of Trace Calibrations.
The traces obtained for the three flow regimes 
encountered together with typical photographs are shown 
in Figs. 62 - 69.
11.4.2. Discussion of Calibration Results.
When there is a bridge of water between the 
probe and the tube, there is essentially a closed circuit. 
This results in a maximum voltage across the recorder
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(Fig. 58). On the other hand, when steam separates the 
probe, the circuit is open giving a voltage reading of 
zero across the recorder. In Figs. 68 to 75, the lower 
side of the trace output represents the maximum voltage, 
when the probe is surrounded by water. The upper side 
of the trace output represents, probe surrounded by vapour.
(I) For the bubbly flow regime the average trace output
tends to be towards the liquid side because liquid is the
predominant phase and the bubbles deflect the trace towards 
the vapour side. Because the bubbles are small and frequent, 
the deflections of the trace will also be small and 
frequent.
(II) For the slug flow regime the average trace output
tends to be towards the vapour side because vapour is be­
coming the predominant phase in the centre of the tube. 
Because the bubbles tend to be larger and less frequent 
than for the bubbly flow, the trace deflections will also 
be larger and less frequent,
(III) For the climbing film flow regime the average trace 
output is near the vapour side. The probe is frequently 
surrounded by vapour only, and consequently the trace 
frequently registers the output for pure vapour. Deflections 
towards the liquid side are due to intermittent slugs.
11.5. Experimental procedure for determination of Boiling 
Flow Regimes*
For each of the heat transfer runs, the trace
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output was recorded at every foot of the evaporator tube 
and the flow regime inferred from the trace calibrations. 
Some of these are shown in Figs. 70 “ 75*
11.6. Correlating groups for Flow Regime Prediction.
At present there is no fundamental theory of 
two-phase flow, and the generally accepted approach is 
the semi-empirical method of dimensional analysis which 
has been adopted here.
Flow regimes may be expected to be influenced 
by the following variables 5 
V, D, u, g, W 
or f (V, D, u, S, W) = 0
These variables have the following dimensions respectively
L T M L M T ^ XT T
There are 5 variables and 3 fundamental dimensions, so 
2 dimensionless groups would be obtained. By using 
Buckingham pi-theorem following groups were obtained.
llgD  ^ yD
(1) is a Proud group,gD
which will influence the flow and the formation of the 
waves in a tube. Written in terms of volumetric flow 
rates it becomes
( 1A / gD
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(11) is the single phase Reynold's group,]iD
Previous work (102) has shown that the flow regime is also 
determined by the dimensionless holdup & = , and
therefore this group (ignoring the slip) 
was also used in the prediction method.
11.7. Flow regime results.
To compare the results with Bergles and Suo (105 ), 
the Froud group was plotted against void fraction q^ , 
but this graph did not separate the data well. ^D*^G
The flow regime prediction graphs were constructed 
of # = Re plotted against the Proud group, and are shown 
in Pigs. 76 and 77 for without and with an entrance 
respectively. It was found that the use of rather than 
(> gave a considerably better separation.
The slug flow regime was obtained at about 
to 6% quality and climbing film flow regime at about 
7% to 9% quality.
11.8. Discussion of Flow Regime Results.
As the quality increases, the Froud group 
increases, but the ^ groupd decreases. The following 
observations can be made from the Figs. 76 and 77-
(1) The bubbly flow regime occurred at low Froud group, 
and high group values. This would be expected, as
the bubbly flow regime is obtained at low quality, 
which makes the Froud group values low and the ip group 
values high.
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(II) The slug flow regime occurred at intermediate Proud 
group and ij; group values. As the quality increases above 
about 5%» the slug flow regime was obtained. At these 
qualities the values of the Proud group and the if; group 
are intermediate.
(III) The climbing film flow regime occurred at high
Proud group, and low \lf group values. As the quality increases 
above about 8.0%, high Proud group and low group valuesI
are obtained.
The flow regime boundaries are different for 
with and without an entrance. Due to added turbulence in 
the case with an entrance, which assists the coalescence 
of bubbles, the slug flow regime is obtained at comparatively 
lower Proud group and higher \}j group values respectively.
The slug and climbing film flow regime boundaries are 
also obtained at a lower quality.
In some of the runs only bubbly and slug flow 
regimes were obtained as shown in Pigs. 71 and 75.
More information is needed in this field with 
a wider range of tube diameters, mass flows and heat fluxes.
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' c h a p t e r 12.
Conclusion.
A literature survey of the two-phase heat transfer 
process has revealed the need for an investigation into 
the problem of predicting the heat transfer coefficients 
in natural circulation evaporation systems with an entrance.
An industrial size (2 in. I.D.) single tube, 
natural circulation, steam heated, evaporatorfor boiling 
water) was constructed. The tube was divided into six 
sections, and heat fluxes determined separately in each for 
various flow rates and steam pressures. Tube wall and 
axial temperatures were measured along the tube length 
together with pressure losses, and flow regimes were 
determined by a resistance probe technique. The boiling 
side heat transfer coefficients were calculated for each 
section.
The investigation was performed with and without 
a sharp edged entrance, and the following results were 
obtained.
Dimensional analysis was used to correlate the 
heat transfer results.
With an entrance :
Nu = 0.38 (Fr)v (R@)9'35 /L\0'06, Q / a^ ( d / I^x g a ) ( p d )
Without an entrance:
Nu = 0.12 (Pr)°’^ T.sO'l'l/ o \0.27.« ,-0.65
( ïï) (a g a )
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The heat transfer coefficients with an entrance are higher 
on an average by 30%. For the same total pressure drop, 
and a given temperature difference, the heat transfer 
coefficients are higher on an average by 15%» and it shows 
that previous evaporator correlations not taking the entrance 
into account are not strictly applicable to evaporator 
design.
The following correlations were also obtained 
to enable total pressure drop to be calculated in two- 
phase flow with boiling.
With an entrance :
|APrpp j APgpL ; - 1  = l 8 9 0 ( x j ^ ' G l
AL j AL 
Without an entrance : 
j APgpL
r n r  ~nr~: '
Flow regime prediction graphs were also constructed 
Figs. 76 and 77»
.07
NOMENCLATURE.
Symbol
A
G
D
P,S
G
K
L
W
P
Q
T
AT
U
h
X
b
V
U*
f
Description. Units.
Area ft^
Constant
Specific heat at constant pressure Btu/lb 
Surface-liquid constant 
Diameter
AT*
R/,
R
Dimensionless factor in the correlation of Chen
Mass Flow rate
Thermal conductivity
Length
Mass flowrate 
Pressure
Heat Transfer Rate 
Temperature
Temperature difference.
Overall heat transfer coefficient. 
Heat transfer coefficient. 
Martinelli Parameter (37)
Laplace Parameter.
Velocity
Friction velocity at tube wall. 
Friction factor.
Acceleration due to gravity. 
Gravitational constant.
Parameter used Anderson (52) 
Hoid-^pV
Void fraction.
ft.
lbs/hr ft 
Btu/ft hr
lbs/hr 
lbs/ft' 
Btu/hr 
°F
Btu/ft^hr Op 
Btu/ft^hr Op
ft/hr
ft/sec'
108
Symbol
r. 
r *
X
V
ÔTSAT
APAL
Description Units.
Radius. ft.
Radius of the minimum size of a thermodynamically stable bubble for a given degree of superheat.
Multiplier in Martinelli-Nelson correlation.
Quality,(Present work ignoring Wt/wtslip) ?Specific volume ft"/lb
Slope of vapour pressure/temper­ature curve at saturation temperature
Pressure drop per unit length lb/ft^
Greek Symbols
a
8
X
P
a
V-
T
#
6
^ and X
Void fraction.
Constant angle.
Latent heat of vapourisation. 
Density,
Surface tension.
Viscosity 
Shear stress
Holdup, also used in Martinelli correlations (37),
Group used in plotting flow regime graphs.
Thickness of the laminar film.
Also used by Baker (90) correction for fluid properties.
deg. 
Btu/lb 
lbs/ft^ 
lb/ft. 
lb/ft hr, 
lb/ft hr^
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Subscript
B Boiling.
TP Two-phase.
TPF Two-phase friction.
SP Single-phase.
G or V gy Gas or Vapour.
L Liquid.
F Fluid.
G Convection. «
a Acceleration.
e Elevation.
m Mean,
tt Turbulent-Turbulent
o - exit.
W Wall
w Water.
-  110 -  
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APPENDIX 1 
Table 1 and 2.
Run no./Section no. . ’
— 4.Heat transfer rate. Btu/hr xl'O 
Temperature difference . ° F '
Axial Temperature above 212. ° F
2 o -3Heat transfer coefficient. Btu/ft hr F xlO
~ 3Mass flow rate. - lbs/hr xlO
Pressure drop over the whole length. lbs/in ^
Run ^ na
-122-
TABLE 1
APPRKTTX I - HEAT TRANSFER RESULTS'( EIITRjiiHCE j
. TABLE' 1
I 1-2 1-3 ' . 1-4 ' 1-5 1-6
2.32 4.33 6.4 4 : .9.18 ' ' 11.53 : 14.24
7.60 8.30 9.60 9.90 10.00 10.00
9.30 9.00 6.90 5.50 4.40 3.70
3.89 3.38 2.99 3.03 3.02 3.04
5,58 5.58 5.58 5.58 5.58 ' . 5.581.93
2.62 4.31 7.22. 9.90 13.00 16.10
16.90 . 10.9D 11.70 . 11.80 12. 12.30
II.00 9.50 8.20 6.90 ' 5.90 4.60
2.38 2.52 2.64 2.68 . . 2.76 2.80
7.54 7.54 7.5^ 7.54 7.54 7.5d2.48
3.22 5.90 . 8.62 ' TI.61 - 14.^ 18.62
13.20 12.60 ' 13.60 13.80 14.10 14.40
12.30 I&.OO 8.10 7.30 6.30 . 4.60
3.12 / 2.97 2.73 ' 2.71 2.72 2.76
8.26 8.26 8.26 8.26 8.26 8.262. 9o
2.48 4.65 7.06 10.55 . 14.45 18.73
9.40 10.20 II.10 11.70 12.40 12.90
12.08 . 10.10 8.10 6.20 5.10 4.00
3.36 2,95 2.75 2.91 2.97 - 3.06
8.60 8.60 8.60 8.60 8.60. 8.603.00
2.49 4.91 7.23 10.16 13.47 17.26
9.60 10.40 11.40 11.90 12,30 12.70
13.00 il.40 . 9.20 7.40 6.so 5.10
3.32 3.04 2.76 2.77 2.f% 2.90
9.81 9.&[ 9.81 9.81 9.81 9.813.10
4.12 7:66: 10.83 Id.97 19.17 23.92
15.10 .14.90 15.20 15.40 15. 15.70
8.40 7.70 6.90 5.20 4.40 ; 3.80
3.46 3.26 3.03 3.10 3.14 3.22
5.60 . / 5.60 5.60 5.60 5.60 5.602.10
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7 I 1-2 1-3 1-4 . -1-5 , ,1-6
2.03 3.96 . 6.03 8.29 11,04: 15.00
8.6o 8.70 9.20 9.^ 9.80 - 10.10
13.80 12.20 10.60: 9.00 7.80 6.40,
, 3.00 2.88 2.79 \ 2.91 . 2.96 3.18
10.49 10.49 10.49 10.49 ,10.49 10.49.3.22
8 4.23 7.26 : 9.87. 12.92 16.91 20.94
17.00 '15.20 14.70 14.60 14.70 14.80
8.00 8.20 7.30 6,10 5.30 . 4.30
3.18 . 3.02 2.83 2.80 2,91 . 2.98
4.64 4.64 4.64 4.64 4.64 4 .64 . 1.80
9 ■ 4.07 7.24 ' 10-34 14.TO 18.^ 3 23.24
: 14.70 14.90 15. 15.70 15.90 16,10
/ 9.20 7.70 6.80 5.60 4.30 3.50
3.52/ 3.:%) 2.85 .2.88 . 2.95 . 3.06
5.87 5.&T 5.87 5.87 5.87 . 5.872.34
:I0 - . 2.1 7 : 4.10 6.12 8.83 12.51 16.73
8.80 9,50 10.50 11.80 11.90 12.40
.13.90 12.50: 10.80 8.^ . 7.00 ^ 5,40
3.13 2.76 2.53 . 2.60 2.68 2.82
10.56 10.56 /10.56 10.56 10.56 10,563.28
II 2.36 4.56' 7.21 : 10.77 14.81: .10.43
.9.20 . 9.90 10.70 11.28 ' 11.80' 12.20
14,10 12.50 10.80 . 9.00 : 7-^0 6.00
. 3.26 2.94 2.90 3.04 ' 3-18 ' / 3.33
11.36 11.36 11.36 11^ 36 11.36
12 ■ .3.72 7.29 10.62 3:4.55 18.80; 23,75
15.20 15.40 15.70 15.90 : 16.10 16.10
9.70 8.40 7.70 6.30 . 5.30 / ' 4.80
3.12 3.02 2.87 2.92 2,97 ' 3.12
6.57 6.57 6.57 6.57 6.57 /2^40
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I 1-2 , 1-3. 1-4 ' ■ 1-5 ■ 1-6
13 ' :3.o9 6.20 9.10 12.80 16.20 19.70
15.80. 16.10 16.20 16.20 16.40 / 16.30
9.30 8.40 7.80 6.50 . 5.50 4.70
2.% ' 2.45 2.40 S\5Q ,2.52 2.58,
6.30 6.30 6.30 6.30 6.30 6.?02.35
14 ■ 3.46 6.24 8.84 12.08 : 16.05 20.84
13.80 ^ . 1:4.20 14.70 ' 14.80 15.20 ' 15.40
/ q.io ' 8.40.' 7.60 6.00 ' . 5.10 .4.30
3.20 2.82 2.48 2.54 2.70 . . 2.87
5.33 5.33 5.33 5.33 . 5.33 5.33
2.44
15 2.04 4.16 6.48 9.81 13.63; 17.84
8;8oj - 10.20 11.40 12.40 13.10 13.70
. 14.OCL 12.70. 11.30 9.60 8.50 7.30
2.96 , . 2.64 2.46 : 2.54 2.65 2.74
10.94 10.94 10.94 10.&4 10,%4 10.943.30
16 2.47 4.90 7.30 10.32 14.39 > 19,32
10.^3 II.90 12.60 ' . 13.00 13.60 14.30
14.20 12.90 11.70 10.30 8.90 . 7.70
2.89 2.64 2.49 2.55 SU68 ; 2,83
11.66 ' 11.66 . 11.66. 11.66 '11.66 11.66
3.36
17 4.09 . 7.6 8. 10.96 14.82. . 19.42 24.65
17.90 ' 17.70 . 18.20 18.10 18.10 18.ao
9.50. 8.40 '7.20 6.00. .. 5.30 . 4.70
2.92 2.77 . . 2.57 . 2.62 . 2.75 2.89
5.81 5.81 5.8I ., 5.81 5.81 5.812.42
, 18 ■ . 4.22r 7.97 11.26 15.48 20.40 25.57
16.20 16.30 3:7,00 17.20 17.40 17.60
/10.60 , 9.40/ 8.50 7.20 , 5.80 5.10
3.32 3.05 . 2,82 2.86 2.96 3.06
- 7,11 \ 7.][I, : 7.II 7.II 7.II 7.II2.64
-125-
19
20
21
22
23
24
I 1-2 1-3 1-4 1-5 • 1-6
4.24 8.24 12.46 16.93 21.99 27.46
17.30 . 17.30 18.30 18.50 19.00 19.10
10.80 9.20 8,40 7.10 5.90 5.10
3.13 3.03 2.91 2.92. 2.96 3.05
7,20 7.20 7.20 7.20 7.20 7.20
2.66
3.96 7.23 10.56 14.78 19.70 24.86
14.90 14.90 16.cm 16.50 .. 16.80 . 17.00
11.60 10.40 8.60 7.30 6.10 5.20
3.39 3.08 2.84 2.88 3.00 3.II
8.28 8.28 8.28. 8.28 8.28 8.28
2.79
5.25 9.06 - 12.63. 16.73 ' .21.62' 27.59
19.90 19.10 ' 19.30 19.^3 20.Ô0 28.30
8.50 7.30 5.80 4.90 4.00 3.30
3.37 3.01 2.78 -' 2.73 2.76 2.88
5.II 5.II 5.II 5.II 5.II 5.II 2,00
3.90 7V 50r 12.80 17.80 22.60 27.80
17.40 17.00 18.10 18.^ 18.80 18.90
9.40 t 7.60 6.10 5.20 4.30 3 « 40
2.88 2.82 - 3.00 3.06 .3.07 3.12
5.69 5.69 5.69 5.69 5.69 5.69J2.18
3.86 8.05 .13.00 18. 23.60 29.40
17.80 . 18.10 ]#.80. 19.30 19.80 20.
II.00 9.30 6.^y 5.60 4.30 3.50
2.76 2.82 2.%3 3.00 3.05 3.08
7.43 7.43 7.43 ' 7.43 7.43 7.43
2.70
4.57 8.62 12.80 17.73 23.11 29.63
18.30 18.70 19.70 : 2o.ro 20.40 . 20.50
10.40 9.20 8.20 . 7.10 5.70 4.90
3.18 2.94 2.77 2.81 2.90 3.06
8.33 . ' f^ 33 % 8.33 8.33 8.33 2^80
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1-6
25 4.26 . 8.24 ' 11.97 I6,II. 21.34 27.26
17.50
4.90
3.29
9.II2.84
26 4.2% 7.92 TT.%8 TR /7 PA ■ 25.98
17.90 
4.20
3.08
7.252.65
27 2.99 6.96 ' 10.57 14.66 . 19.84 26.39
.19.60
3.20 
3.02
5.85 2.16
26.70 
20.00
5.70 
.2.82
5.652.08
28
I. 1-2 . 1-3 1-4 1-5
: . ,
15.30 15.30 16.00 16.50 17.20
12,60 IT.20 9.70 8.00. 6.10
3.55 3.42 . 3.19 3.12 3.17
9.ii 9.II 9.II . 9.II 9.II
3 11 3 . 15.47 ; 20.39
16.20 .16.30 17.20, ■ 17.40 17.70
10.40; .8.70 7.40 6.00 5.10
3.33 3.09 2.84 2.85 2.957.25 7.25 . '7.25 - 7.25 . 7.25
, ■ 
17.20 17.80 18.80 19.00 ' 19.30
9.30 7.30 5.70 4.50 3.70
3,27 3.00 2.75 2.72 2.83
5.85 5.85 5.85 . 5.85 ' 5.85
4.93 8.94 12.06 16,21 21.07
20.30. . 19.90 19.80 19.60 19.80
9.40 8.60 8.00 7.40 6.70
3.09 , 2.85 . 2,57 2.63 2.72
5.65 5.65 5.65 . 5.65 5.65 .
4.08 7.36 10.54 14.34 18.95
15.80 15.80 16.30 16.20 16.40
12.50 11.60 10,80 9.60 8.30
3.29 2.96 2.76 2.82 . 2.95
9.14 9.14 9.14 9.14 9.14
4.23 7.36 10.54 14.34 : 18.9518.60 18.20 18.90 18.90 19.00
9.60 8,60 8.10 7.60 6.20
2.89 2.72 2;55 2.69 2.83
6.48 . 6.48 6.48 6.48 D .48
29 4.08 7.36 10.54 14.34 18.95 25.04
17.00
7.20
3.10
2%iK)
30 4.23 7.36 10.54 4.34 : 18.95 25.04
19.10
5.30
3.02
6.48
2.26
127-
31
32
33
34
35
L,
3.50 
13.20
10.30 
3.37
7.94
2:40
9:50
13.50 
3.22
10.28
4.12 
18.66 
9.80 . 
2.92
5.60
4.60 
18.90
10.30 
3.10 
6.59
4.95
21.28
10.30 
2.97
6.30
1-2 1-3 ' 1-4 ' 1-5
6.35 9.64 12.98 16,82
13.30 14.70 14.80 15.10
8.50, 6.90 5.60 . 4.70
3.05 2.83 . 2.84 2.86
7.94 7.94 : 7.94. 7,94,
4 7^8 ?:65 : 10.76 . 14.33
10.30 11.60 12.00 . 12.40
11.50 . 9.60 . 7.90 6i6p
2.97 2.85 2.87 2.96
10.28 10,28 10.28 10.28
7.85 ■ 12.10 ^ 16.40 / 20.80
17.60 18.40 18.20 18.10
9.70 9.00 8.30 . . 7.50
2.84 . 2.79 : 2.87 ' 2.94
5.60 5.60 5.60 3 5.60
8.21 . 11.54 15.56 . 19.81
18.30 18.90 18.90 18.90
9.60 , 8.50 7.80 _ 6.90
2.85 2.60 2.63 . 2.69
6u59 6.59 6.59 . 6.59
9.16 13.40 19.20 23.90
20.40 20.50 20.80 20.20
10.90 10.10 8.80 8.40
2.85 2.77 2.94 3.02
6.30 6.30 6.30 6.30
1-6
21.00
15.20
3.80
2.95
7.94
2. 51
17.90 
13.00
5.30
2.95 
10,28
3.20
25.70
18.40
6.30
2.96
5.602.02
25.13
18.80
5.90
2.83
6.592.26
29.40 
20.10 
8.10 
3.10
6.30 2.18
36 4.21 7,95 11.23, 15.55 19.94 2^.43
18.40 18.50 18.90 19.10 18.80 18.90
11.80 11.00 10.40 :9.3o . 8.00 7.30
2.92 2.75 2.53. . 2.60. ' . 2.72 2.75
7Î70 . 7.70 7.70 7.70 . 7.70 7.702.49
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I 1-2 1-3 ' . 1-4' 1-5 1-6
37 4.04 7.88 11.28 14.75 18.87 23,89
19.90 26.10 20.30 19.20 18.80 . 19.10
12.50 11.50 10.70 9.80 8.50 I 7.50
2.59 .2.50 2.36 2.46 . 2,60 ' 2.67
.8.98 \ 8.98 8.98 : 8.98 8.98 8.982.81
38 5.58 10.19 14.56 19.86 25.38 ; 32.33
23.10 22.60 23.50 23.60 . 23.10 23.30
8.70 . 8.70 7.60 6.80 5.80. 5.20
3.07 2.86 2.63 2.69 2.82 .. 2.96
 ^. 4.79 4.79 4.79 . 4.79 4.79 4.791.75
39 , ' 5.51 9.81 . 13.85 18.71 ' 24.26 29.40
.20.00 / 20.50 21.20 20.90 20.30 20.40
11.80 10.80 10.10 . 8.80 7.90 6.90
.3.50 3.06.\ 2.80 2.87 3.09 3.10
/ 7.87 : 7.87. 7.87 7.87 7.87 7.872.76
40 4.89 . / 9.55 13.77. 19.20 24,10 3Ï.I4
20.6' 20.7 21.7 21.9 21.6 . r 21.7
. II.I. 10.3 . 9.3 / 8,1 7.Ï 6.2
3.03 2.93 , 2.72 2.80 2 .86 \ 3.06
6.98 6.98 . . 6.98 . 6.98 6.98 6.98
2.20
■ 41 - 4.23 ^ 7.69 , II.II 15.16 19.48 23.89
18.2 18.5 19.7 20.2 19.8 20.0
14 J2 . I3.I II.5 10.1 8.7 • 7.6
' 2.96 2.66 2.43 2.42 2.53 2.56
9.68 9.68 9.68 9.68 9.68 9.662.94
42 . 4.12 7.42 10.85 14.64 18.98 24.19
/ 17.3 17.6 18.8 19.1. . 18.9 19.0
13.8 12.5 II.4 10.4 . 9.1 8.00
3.03 2.69 2.49 2.47 2.59 - 2.78
10.12 10.12 10.12 10.12 . 10.12 10.123.04
I T-? 1-3 , T-4 ' 1-5 1-6
43 4,93 8.75 12.35 T6.60 . 21.55' 26.99
18.7 18.6 ' 19.9 20,2 . 20.0 20.2
. - 12-5 IT.7 II.0 9.7 ; ' 8.3 . / 7.I
3,36 2.99 2.67 2.64 I 2.79 2.86
9.32 9.32 9.32 9.32 9.32 9.32
2.85
44 3.63 6.83 10.16 14.36 18.69 , 23.30
16.0 16.2 16.2 18.7 . 18.3 18.7
14.5 13.4 II.6 .9.6 . 8.0 . 6.7
. 2.89 2:69 2.45 2.48 .2,64 2,67
10.98 10.98 10.98 10.98 10.98 10.98
3.27
45 5,35. 9.75 15.65 22.00 27.50 33.80
22.4'. 21.5 22.4 22.9 . 22.4 22,4
10.6 10.4 10.I 8.1 • 7.2 6.3
3.03 2.90 2.96 3.06 ' 3;I2 3.20 ,
6.71 6.71 .6.71 6.71 6.71 6.71
2.19
46 y 5.62 9.8/1 14.82 20.34 . 26.03 32.69
22.6 22.6 23.3 : 23.2 22.8 22,9
9.0 7.7 7.1 6.0 / 5.2 4.6
3.17 .2.78 2.71 2.80 2.93 3.04
. 5.51 ' 5.51' 5.51 5.51 5.51 5.511.95
47. 4.22 8.10 13.45 18.40 ' 23.46 30.55.
18.8 18.3 . 19.5 19.3. 19.7 ' . 20.3
10.9 10.3 9.0 8.2 .6.8 5.7
2.86 2.82 2.95 3.03 3.05 3.19
7.22 7.22 7.22 7.22 7.22 7.222.40
48: 5.27 9.12 ' 13.09 18.06 22.38 28.59
20.4 20.9 22.0 22.1 21,1 21.5.
11.7 10.3 9.4. 8.4 7.3 6,3
3.29 2.79 2.56 2.61 2.85 2.92
7.88 7.88 7.88 7.88 . 7.68. / 7.882.46
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49
50
51
52
53
54
I.. ,I~:2 :i-3 ; /I-4 /,'V’ \ . / . 1-6
5.:ï4 . \ 9.62 13.72 L ': I7.98 r 23.21. .7- 29.47
21.3 . 21.8 \23.0 \ . 43 23.1 //; 23.0 7 22.9
9.1 8.2 (S.9 ,. :/ 5.9 - 5.3; ■:/' 4,9.
3.20 , . 2.82 '. 3 2.56 J: 4:; ,,2.50 / '2.59 2.76
4.99 4.99 .\4.99 . ; : ;4.99 '7/ ;y4.99 V : 4.991.82
5.05 9.37 } <13.54 18 .68 7723.37 7 29.08
21.3. ' .; , 21.3 ;: '322^5 7322.9 / 22.0 , .; 21.8 ;
12.7 II. 5 : 10.5 'pp:' \ 9\i ' 4; . T 8.() 7.0
3.02 ; C . ; 2.80 ., 2.57 ^ 2.60 ' = : :2,75 . 2.87
9.09 I : '9.09: . 9.09 9:09 9.09 . .^  9.09 2.62
4.02 :- •; 7.76 ' 11.69 3 ^ 15.82 / 20.23 . 25.50
18.6 .• 18.2 19.5 .  ^^ .19.7 / 77: 19.7 19.4
13.4 : 12.8 1 10.6. ÿ\ 7'. '9.2 . ■■ 7.9
2.76 .2.70 2.5 6 .. . 3:: 2'5G \ ' 2.63 2.80
9.52 . . 9.52 / 9.52 / :'39;52 7,4 : : 9.52 7 ::7 1 : %
6.42 . 12.16  ^: 18.90 ^ . .26.80 -7 :^ ;:34.6oA 43.50
25.0 : . 24.9 • 26.5 . 33:::26:7%Æ 7 ;26.3 :/ 26.5
IC).3. / : 9.10 /. 8.2 . . ;:\7.I 77 '6.4 } 5.9
3.26 / v: 3.10 3.03 ' 3.20 ;/ 7 3.35 3.50
6.03.. 6.()3 '36.03 / 6.C^ 7, 6.03
4.97 :i .9.09 ; 12.70 , : 17.51 .7 23.117.' . 30.03
20.3 ' ' 21.6- ^'22.8 ' 'T/' :/ 23,2 ; ; , 23/6 . 23.6
12.0 ; II.6 / 10.7 '"9.3 .8.2 '^ *4
3.12. ' % 2.70 2-42 2.43 7 . 7 2.52 2.72 '
6.84; / 6.84 6.84 6.84 . 6 . 84 6.84 : 2.14
id/60 3.S : .2l.'50 : 3 2 / %  4-: 4l:4d ' 61180 ■ 73vfo
S»3.2 - ,/ 23.7 25,3 4. 25.4/: - ': 7 25.3 25.5
II.3 '": 9.8 . : 8.2 7::7.7 ;/ 6.6 : 5.6
/SiXe
7-65 ...
; S'.TZ
' 7.65
/ .S’.'ft . 
■ 7.65
: g.'K :
: P7,65 7;.
. . 5:795 
7.6 5 .V
6:1%
7.652.25
55
56
57
58
59
60
61
-131-
1 1-2 1-3 ,1-4 1-5
5.04 9.60 14.76 20.80 27.0624.7 24.8 26.3 26.5 26.3
12.5 11.2 10.1 9.3 8.22.60 2.46 2.39 2. SO 2.638.59 8.59 8.59 8.59 8.59
6.89 12.15 17.57 23.24 29.4Q
26.4 25.6 26.5 26.5 26.410.8 9.7 9 .0 8.1 . , 7.2 .3.32 3.00 2.82 2.79 2.856.44 6.44 6.44 6.44 , 6.44
4.76 8.81 12.91 18.14 23.8022.7 22.0 22.8 23.1 22.913.7 12.8 11.4 10.5 9.42.67 2.55 2.42 . 2.50 2.669.68 9.68 9.68 9.68 9.68
4,59 8.87 12.89 18.13 24.2024.5 25.1 25.3 25.4 25.411.0 9.9 8.9 7.9 7.12.39 2.26 2.15 . 2.26 2.427.31 7.31 7.31 . 7.31 7.31
5.26 9.35 13.13 17.31 22.5221.2 20.4 21.3 21.5 21.810.4 9.4 8.0 7.1 6.03.17 2.92 2.63 2.59 2.657.00 7.00 7.00 7.00 ;7.00
2.44 4.77 7.04 10.29 13.3610.8 11.0 11.8 11.6 11.810.7 9.7 . 8.4 7.3 6.62.89 2.77 2.57 2.87 2.936.84 6.84 6.84 6.84 6.84
3.23 6.15 8.84 12.40 16.169.2 9.8 10.7 11.4. 12.310.3 9.4 7.9 6.3 5.23.79 3.69 4.08 3:36 3.306.57 6.57 6.57 6.57 6.57
1-6
33^8026.8
‘7.42.67 8.59 2.48
36.50
26.5 6.6 2.92 6.442.04
29.9022.68.5 2.829.682.83
29.57 25,3 6.2 2.47 7.31 2.28
29.1322.05.2 2.827.00 2.22
17.4512.0 5.7 3.106.84 2.28
20.3612.84.2 3.336.57 2.58
~132r
62
63
64
65
66
68
12.358.79.03.436.17
3v6015.58.3
5,802.60
1.7012.77.317.12.95
3.29 16.0 7.7 2.623.30
5.56 21.9 9.7 3 3 2450
671.431.438.813.8.2.07
12.15
2.8617.99.52.046.45
1-25.189997.73.356.17
I2C7514.68.0
6,682.60
3.3813.2 7.016.3 2.95
7.3316.57.42.823.30
12.1222.79.2 3.40 3.50
2.9110.2 12.5 1.85 12.15
5.3717.78.51.936.45
1-37.3810.96.9 2.96 6,17
33, 2515.17.3
6,75 2.60
5.88 13.8 6.3 18.1 2,95
11.2317.26.92.773.30
17.34 22.9 8.7 -3.21 3.50
4,53li.411.31.7212.15
7.6618.27.21.806.45
1-4.9:84010.9 .7.52.956.17
32.6§. 14.8 6.5 ..
7. io : 2.60
9.0414.2 6.020.2 2,95
15.22 17.2 6.5 2.82 ■ 3.30
22.7822.48.3 .3.243.50
6,8612.4 9.91.78 12.15
10.36 18.1 6.3 , 1.83 6.45
1-512.2011.16.32.856.17
14.85.8
7; 20 2.60
11.9414.45.4 ■ 21.2 2.95
19.0216.76.02.913.30
27.7421.17.83.343.50
9.5313.18.61.8512.15
13.58 18.1 5.4 1.9 2 6.45 :
1-615.03:11.45.4 2.85 , 6.172.42
52; 5815.05.2
7;322.601.50
15.6614.74.8 22.6 2.95 1.60
24.3717.1 5.63.02 3.30 1.68
34.1221.16.83.43 .3.50 1.65 12.4813.77.3 1.92 12.153.3
17.2418.25.02.026 .45 . 2.42
This is not . the full data..
' -133-,-TABLE 2
HEAT TRANSFER RESULTS(WITHOUT ENTRANCE)
1 1-2 1“3 1-4 1-5 .1-62.08 4.21 6.44 9.18 12.37 15.7511.6 11.3 12.3 12.5 12.7 . 13.09.7 . 8.6 7.4 6.3 5.3 4.42.29 2.37 2.25 2.35 2.48 2.557.182.38
2.35 4.40 6.93 9.75 13.23 . 16.7713.5 13.3 13.8 13.9 14.0 14.39.2 8.5 7.2 5.9 5.1 4.32.21 2.11 2.12 2.24 2.41 2.486.352.12
2.42 4.57 7.50 11.05 14.87 18.1612.5 11.9 12.8 13.2 13.2 13.48.7 . 7.9 6.3 5.4 4.8 3.92.47 2.43 2.47 2.64 2.85 2.875.63. . 1.83
2.28 4.19 6.75 9.92 13.67 17.2112.7 12.0 12.5 12.8 13.1 13.49.3 9.0 7.7 . 6.5 5.6 4.82.29 2.22 2.28 2.44 2.64 2.706.261.94
1.95 3.75 6.24 9.65 12.99 16.4110.3 10.5 11.3 11.7', 12.3. 12.711.3 10.2 9.0 8.1 6.8 5.82.42 ; 2.29 2.34 2.59 2.67 2.728.102.61'
I.71 ■' 3.39 5.25 7.63 10.25 13.4010.7 10.9 11.8 12.1 12.5 12.8II.9 11.2 9.8 8.2 7.1 - 6.52.04 1.99 1.89 2.02 2.09 2.208.802.74
1.92 3.72 5.84 8.00 10.55 13.5910.8 10.9 11.7 11.9 12.1 12.512.2 11.4 10.2 8:8 ' 7.7 . ' 6.42,26. . 2.17 . 2.13 2.15 2.21 2.299.112.84
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12.9
6.90
1-2
iJ:S“11.8
7:25 :
1-3
10.3 . 
7:42
1-4lr:l*9.0
i':35-
1-5
i W7.9 
7:56 '
1-6
I k l ^6.8
3.01
2.6017.011.41.95
5.15 16.3 . 10.0 2.02
7.9217.48.4 1.95 c
10.9917.67.6 2.03
14.5417.46.62.11
18.3917.95.9 2.18 6.59 2.12
10 2:56116.910.71.94
5.2816.39.62.08
8.3917.48.22.05
11.6317.67.12.11
15.19 17.6 . 6.0 2.20
19.6118.25.32.285.401.87
11 2.4417.1 10. 7. 1.82
5.0516.19.82.00
8.4317.18.82.09
11.9617.27.72.21
15.6317.36.72.30
20.1517.65.92.427.43 2.30
12 2.8516.410.22.21
6.5214.710.32.89
10.1416.09.02.76
13.9216.4.7.62.77
18.3816.76.32.83
23.3717.25.62.916.282.00
13 2.3514.411.92.08
4.8713.910.9 2.24
7.7915.19.42.21
10.6215.18.52.24
14.0315.4 7.2 2.31
18.2615.95.9 2.43 8.15 2.42
14 2.9516.311.3 2.31
6 .0615.610.7 2.48
9.44 16.2 9 .7 2.47
13.1716.38.72.57
17.39 16.6 7.2 
2 . 6 6  .
22.25 17.1 5.9 2.76 7.162.25
15 2.9818.49.52.07
5.7316.810.12.18
8.9416.88.82.28
12.37 16.6 , 7.8 2.39 -
16.06 16.7 , 6.2 . 2.46
20.51 17.1 5.4 2.55 . 5.72' 1.86
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16
17
18
19
20
21
22
23
1 1-2 1-3 1-4 1-5 1-62.49 5.06 8.23 11.8 5 15.73 7 20.0817.1 16.4 16.7 16.8 . 16.9 • 17.112.2 11.6 10.4 9.4 8.1 7.31.86 1.96 2.09 . 2.25 7 2.37 2.488.502.53
2.52 . 5.02 8.24 11.62 15.47 19.7717.0 16.3 17.1 16.9 17.0 17.29.5 9.5 8.2 7.2 6.3 5.51.89 1.96 2.04 2.18 2.31 2.43 . 6.03 / 2.03
3.21 6.33 10.11 14.47 19.25 24.2421.2 20.0 20.1 20.2 20.2 20:211.2 10.5 9:3 8.2 7.5 .6.91.94 2.05 2.16 2.30 2.44 2.567.272.14.
2.93 5.79 9.51 13.31 17.51 22.0621.3 19.6 20.3 20.1 20.0 20.110.3 9.3 9.0 8.1 7.4 6.51.76 1.90 2.00 2.12 . 2.25 . 2.34: 6.10 . 1.94
3.23 6.50 10.21 14.02 18.87 24.7220.0 . 19.3 20.2 20.4 20.7 20.910.5 9.8 8.9 7.8 . 7.0, ' 6.02.05 2.15 2.15 . 2.18 2.31 2.48.6.571.98
3.20 6.28 9.50 13.17 17.91 23.4018.9 17.6 18.5 18.7 18.9 19.211.9 10.9 9.7 . 8.4 7.6 6.72.16 , 2.28 2.20 • 2.25 2.42 2.597.492.22
3.34 6.59 10.11 13.77 17.99 22.9518.3 17.7 18.7 / 18.6  ^ 18.6 18.812.3 10.7 9. 5 8.3 7.4 6.52.33 2.38 2*31 2.37 2.47 2.607v882.30
3.49 6.74 . 9.61 13.12 16.94 21.6020.4 18.8 19.5 19.4 . l9.3 19.4'9.4 8.7 7.5 6.5 5.8 5. 22.18 2.29 2.12 2.17 2.25 2.37■ 5.40 1.74
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24
25
26
27
28
29
30
31
1 1-2 : : 1-3 ' 1-4 ' : 1-5 , \ 1-63.77 ' . 7.20 10.45 14.32 . 18.80 , 23.7820.6 , 1 9 . 5 , 20.1 20.0 120.1 20.211.0 . 10.1 \ / 9:0 . 8.0 . : 7.3 6.42.33 . 2.35 \ 2.21 _ 2.29 2.39 ' 2.5o6.89'2.20
2.74 5.74 : ' 8.41  ^ 11.83,- 15.73 7 20.77:L8 ./I . :L8./l . ' 19.3 - 19.4 ; 19.2 ; . 19.511.6.. 10.0, / 8.6 7.4 : : 6.3 5.61.90 V 2 .00 : 1.86 , 1.95 . 2.09 2.25 : 7.43 :2.25
2.61 5.37 ■7 ■ 8.26 . 11.56 . ; 15.27 : 19.4217.7 17.3 À 18.4 18.5 18.6 18.6»11.4 10.4 8.8 . 7.7 : 6.7 5.7 .1.88 : „ 1.98 ' / 1.91 1.99 2.11 2.21 :. 7.252.19
3.35 ' ' 6.81 \ 7* 10.00 13.93 17.60 - 7 22.6120.5 . : 19.5 : 2(). 4 20.0 ' 19.7 : ' 19.910.1 ■ 9.4 . 8.1 ' .7.0 ; 6,2 V 5.72.C)8 V 2.24 : 2.09 : 2,25 : ; : 2.28 I 2.435.78, . 1.82
3.41. 7 , , 6.56 . 10.19 14.78 : : 19.25 : 23.9822.6 21.0 . 20.9 : 20.1 20.1 , 20.211.1 , 11.0 1(9. 2 9.1 Ÿ 8.3 ■■ 7.7 •1.9 2 7 . ]L . 99 / ' -2.08 2.38- 2.47 : V 2.556.64,-1.94
3.62 7 .C)5 . 10.7 8 7;14.44 : , 18.85 : ^:: 23.3722.3 ...•21.2 21.9 : 21.8 \ - '21.3 . 21.310.2 9.3 8.1 7.2 \ 6.4 5 . 6 :2.07 : ; 2.12 . 2.09 2.12 2.26 :: 2.34:5.78■I 1.87
3.86 \ 7.52 10.93 . ,14.83 19.05 23.4722.7 21.1 21.7 21.5 ; 21.1 , ■ 21.210.4 . 10.3 , 9.0 / 8.2 / 7. 7.6 . 7.02.17 2.28 2.15 : . : : 2 .21 2'::si 7 2.37: 5.69' 1.71
3.48 .. 6.73 : 9.82 13.63 : 17.87' ' §7;9d22.8 21.1,, 21.5, 21.5 7:23L.1' : 21.212.0 11.4 : 7 10.6 9.5 ' I3\ 6 ; 7" '7.7.;1.95 • 2.04 . 1.95 , 2.03 : 2-. 17 2;7&/.7.317.2.12
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32
33
34
35
36
37
38
39
13.6021.411.5 2,14
3.4822.610.51.96
3.0819.313.62.04
3.5920.411.72.25
3.2820.1
12.82.08
3.3321.211.92.03
3.7720.510.82.34
2.68 14 .5 10.7 2.35
1-26.9820.011.02.24
6.7321.010.02.04
6.4319.312.82.13
7.4720.011.02.38
7.2519.611.92.37
7.0820.911.62.17
7.8320.610.22.42
5.7813.510.82.76
1-310.3020.410.5 2.16
9.9821.59.51.98
9.6320.411.82.02
10.9321.1.:10.02.22
10.6720.211.02.25
10.7821.310.72.11
11.4621.39.12.29
8.4613.89.92.63
1-4 • 14.25 20.1 9.4 2.26
14.0820.9 9.0 2,16
13.5120.910.72;07
15.7721.29.02.39
15.1920.2.10.02.41
15.71 20. 7 9.7 2.44
15.9321.38.3 2.39
11.8514.18.72.69
1-5 18.50 19.7 , 8.3 2.42
18.6120.38.02.38
18.4120.69.72.30
20.2521.18.22.46
19.8420.39.1 2 . 50 •
20.88 2(). 6 8.4 2.61
20.54.21.07.42.50
15.5214.07.92.83
1-622.9419.87.82.47 6.80 2.00
23.4220.37.32.48 6.19 1.82
23.8720.79.0 2.467.76 2.12
25.2321.3 7.. 3 2.52 5.96 1.80
25.8220.78.0 : 2.65 7.40 2.11
27.1220.98.02.77 6.861.94
25.7121.36.7 2.57 5.51 1.56
19.39 14. 67.3 2.836.39 1.86
. . -138-1 - ' ^
1 1-2 - 1-3 1-4 1-5 : 1-640 1.20 2.77 4.66 6.63 : 9.05 11.429.1 10.o 10.7 10.91 ' 11.2 11.87.3 1 6.5 ' ,5.8 .. ■■5.4 5.2 4.51.68 . 1.76 ; 1.84 ; . 1.93 / 2.06 - 2 . 0 4^ ' : 2.49 -
- . /. ^
41 2.82. 5.72 / 8.42 ■10.92 14.12 ■ 17.9218.9 18.9 - 19.0 19.2 19.6 : 19.4'9.5 8.9 8.4 7.9 1 7.4 : 6.4, 1.90 1.95 1*78 1.62 : 1.94 2.48' - 1'^  ■ " : 3.03 .
 ^ ' -\1'2..
421,1:31 ; 2.51 4.63 7.09 ' 9.45 ' 12.6512.7 13.7 I 15.0 15.4 15.1 16.37.3 6.9 6.4 5.9 5.3 4.81.31 1.18 1.31 1.47 :1.60 : 1.64- '12.901 .  ^ . ' / - ; ::;/l 1.15
-  'u'l 1  ■ V î ï - j G ' i i i % l s /
7.8 , „ 7.3 . 6.9 6.4 6.0 / : : 5.64.20 5.17 5.36 . ,-5.76 6.24 V .6.75
-
44 4.65, 11.01 15.96 ,20.70 , 25.50 ' 31.3021.9 22.7 22.9 22.4 ,' , 21.7 21.59.7 9.2 ; 8.7 8.3 . : 7.9 ,6.8, , 2.70 3.09 : :  2.95 , 2.95 , 3.00 ' , 3.06
:1^-' : ; ;, i ; ^ - / - 1
45 3.16 ' : 6.87 ' \ 10.77 14.65 19.34 / 24.3918.9 16.8 17.2 18.4% l:" 18.3 18.69.1 8.8 ' . 8.5 8.2 ’ ' 1 . 7.9 .1 7.5,1 2.12 2.61 2.66 2.53 :: 2.68 % 2.76
 ^' . - ' . ' : ' -14.961 ■ ' ^ ^  \ \  ^ 1'  ^\ 1:- i;l:%. 1.55 '
This is hot the full data.
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TABLE 3 and 4.
Run no./Section no.
Reynolds Group.. xlO"-
Nusselt . Group. xlO"3
L/D Group.
Boiling Group. CQ/XGA) xlO^ ■
Co/PD) Group. xlO^
Froud Group. xlO~2
Group. xlO^
Dimensionless■ Groups, as defined in the Sample 
calculations in Appendix 3.
" 140 — 
TABLE. 3
Dimensionless groups for Heat Transfer correlations andFlow regime graphs. ..(Entrance)
Run no 
1 i .'"7 ' ' 1-2 1-31.64 1.43 1.269.0 18.0 . 27.01.19 1.12 1.109.6 9.8 10.80.26 0.77 1.485.25 1.75 . 0.91
1.52 1.32 1.199.0 18.0 27.01.18 1.02 ' 0.97OC66 ' 1.55 3.435 .03 .2.14 0.96
1.32 1.25 1.159.0 18.0 27.01.16 1.03 1.009.1 9.3 9.60.51 1.34 3.248.49 3.23 1.34
1.42 . 1.25 1.169.0 18.0 27.00.83 0.78 0.7&9.5 9.7 10.00.55 1.72 3.478.94 2.85 1.41
1.40 1.28 1.179.0 18.0 27.00.73 0.72 0.719.0 9.3 9.60.88 1.86 3.878.28 3.91 1.88
1.46 1.38 1.289.0 18.0 27.02.11 1.96 1.859.8 10.0 10.30.70 1.81 3.711.93 0.75 0.37
1-4
1.2836.01.1810.22.770.48
1.1936.00.995.280.63
1.1536.01.019.95.750.76
1.2336.00.8810.26:390.77
1.1736.00.759.96.991.04
1.3136.01.9210.56.620.21
1-5
1.2745.01.1810.44.320.31
1.1845.00.817.070.47
1.1445.01.0410.29.350.47
1.2545.00.9710.510.220.48
1.1945.00.7910.210.830.67
1.3345.01.9710.610.20.13
1-66.261.2854.0 1. 2210.76.72 0. 20
8.73 1.1954.0 0.88 9.25 0.36
9.561.1754.0 1.0810.514.29 0.30
9.951.2954.01.0410.6 15.28 0.31
11.36 1.2354.0 0.8510.4 15.53 0.47
6.491.3654.02.0410.8 15.18 0.90
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10
11
12
1 1-2 1-3 1-4 1-5
1.27 1.22 ■ 1.18 1.23 1.2 59.0 18.0 27.0, 36.0 45.0'0.56 0.54 0.55 0.57 , 0.618.9 9.2 . 9.5 9.8 10.10.44 1.39 3.21 . 5.90 -9.3920.15 6.39 2.77 1.51 0.9 5
1.34 1.27 • 1.19 1.18 1.239.0 18 .0 27.0 . 36.0 45.0 .2.62 2.25 2.04 2.00 2.0910.1 10.3 10.4 10.6 lo.70.63 1.65 2.92 4.77 7.621.22 0.47 0.26 0.16 0.10.
1.49 1.31, . 1.20 1.22 1.259.0 18.0 27.0 36.0 45.01.99 1.77 1.69 1.72 1.809.7 10.00 10.3 10.5 10.60.64 2.05 3.83 6.59 - 10.372.45 0.76 0.41 0.24 0.15
1.32 1.16 1.07 1.09 1.139.0 18.0 27.0 36.0 . 4 5.00.60 0.56 0.55 0.60 0.688.8 9.2 9.5 9.8 10.10.42 1.61 3.54 6.54, 10.8321.85 5.67 2.58 . 1.39 . 0.84
1.38 1.24 1.22 1.28 1.349.0 18.0 27.0 36.0 45.0 .0.6 0.58 0.61 0.68 . 0.758.8 9.1 9.5 9.8 10.10.58 2.03 4.48 . 8.53 . 14.2919.47. 5.59 2.53 1.33 0.79
1.32 1.27 . 1.21 1.23 \ 1.269.0 18.0 27.0 36.0 45.01.62 . . 1.59 1.55 , 1.59 1.640.55 1.90 3.99 7.12 : 11.143.98 1.15 0.55 0.31 0,20
1-612.14I.3454.0 . 0.69 10:. 314.32 0.62
5.371.2654.0 2.16 10.9II.17 0.07
6.80 : 1.2954.0 1.89 10.8 . 15.20 0.10
12.251.1954.0 0.7610.4 16.55, 0.55
13.161.4054.0 0.8210.4 21.59 0.52
7.611.3254.0 1.73 16.66
0.13
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13
14
15
16
17
18
19
1 1-2 1-3 lv4
1.23. 1.14 1.08 1.099.0 18.0 27.0 36.01.64 1.55 1.47 , 1.509.7 10.0 10.2 10.40. 79 2.06 3.61 6.222.45 0.94 0.54 ■ 0.31
1.35 1.19 1.05 1.079.0 18.0 27.0 36.01.86 1.68 1.59 1.639.8 10.1 10.4 10.50.53 1.62 3.01 5.002.19 . 0.72 0.39 0.23
1.25 1.11 l.o4 1.0:79.0 18.0 27.0 36.00.60 0.60 0.57 0.658.9 9.2 9.5 ■ . 9.80.5 1.74 3.91 7.3820.29 ' 5.81 2.58 1.37
1.22 1.11 1.05 1.089.0 18.0 27.0 36.00.60 0.60 0.61 0.649.1 9.4 9.7 10.00.61 1.96 4.43 8.1620.20 6.24 2.76 1.49
1.23 1.17 1.09 1.119.0 18.0 27.0 36.02.02 1.90 1.81 1.839.5 ' 9.7 9.8 10.10.56 1.67 3.20 ' 6.082.71 0.91 0.47 0.25
1.40 1.29 ■ 1.18 1.219.0 18.0 27.0 36.01.71 1.61 1.52 1.579.4 9.7 9.9 • 10.20.72 2.38 4.75 8.123.86 1.16 0.58 0.34
1.32 1.28 1.23 1.239.0 18.0 27.0 36.01.69 1.65 1.66 1.699.4 9.7 9.9 10.10.71 2.51 5.34%.: ' ■ 9.174.08 1.15 0.54 .0.31
1-5 1-67.301.11 1.1645.0 54.01.54 . 1.6110.6 10.89.35 . 13,770.21 0.14
6.181.14 1.2145.0 54.01.73 1.8710.7 10.98.15 12.630.14 : 0.93
12.661.19 1.1645.0 54.00.72 . 0.7810.2 lo. 412.79 T97I80.79 0.53
13.501.13 1.2045.0 . 54.00.71 0.8010.1 10.313.38 20.760.91 0.59
6.721.16 1.2245.0 54.01.92 2.0310.5 10.810.76 16.670.14 0.09
8.231.25 1.2945.0 54.01.65 . 1.7210.4 10.713.30 19.930.21 0.14
8.341.25 1.2945.0 54.01.76 1.8310.4 10.714.91 22.240.19 0.13
-143-
1 1-2 1-3 1-4 1-5 1-620 9.591.43 1.30 1.20 1.21 1.27 1.319.0 18.0 27.0 36.0 45.0 54.01.28 1.37 1.44 2.95 2.55 2.379.2 9.5 9.8 10.0 10.3 10.50.73 . 2.40 4.84 8.48 14.13 20.756.0 1.82 0.90 0.52 0.31 ■ 0.21
21 5.911.42 1.27 1.17 V 1.15 1.16 1.229.0 18.0 . 27.0 36.0 45.0 54.02.55 2.37 2.35 2.43 2.96 2.599.8 10.1 10.3 10.4 10.6/ 10.8'0.80 2.41 4.42 7.40 11.84 18.31.1.28 4.4^ 2.33 1.39 0.87 0,56
22 6.591.45 1.30 1.17 1.16 1.20 1.249.0 18.0 27.0 36.0 45.0 54.02.38 2.08 1.98 2.00 2.10 2.19 .9.7 9.9 10.1 ■ 10.3 10.5 10.70.80 2.41 4.42 7.40 11.36 . 17.351.81 0.64 0.34 ' 0.19 0.12 0.08
23 : 8.601.22 1.17 1.09 1.08 1:11 1.159.0 18.0 27.0 36.0 45.0 54.01.56 1.52 1.47 1.50 1.58 1.679.4 . 9.6 9.9 10.1 10.3 L0.60.77 2.32 4.68 . 8.22 13.32' 20.264.12 1.36 0.67 0.38 0.24 0.16
24 9.641.34 1.24 1.17 1.19 1.22 1.299.0 18.0 27.0 36.0 45.0 54.01.58 1.49 1.47 2.04 1.59 1.719.2 9.5 9.8 10.0 ; 10.3 10.50.91 3.02" 6.33 11.28 17.96 . 27.154.88 1.48 0.70 0.40 0.25 0.16
25 10.551.50 1.44 1.35 1.32 1.34 1.399.0 ' 18.0 27.0 36.0 45.0 54.01.35 1.30 1.26 1.27 ' 1.35 1.439.1 9.3 9.5 9.8 10.2 ' 10.40.84 2.77 5.34 9.37 16.39 24.436.93 2.11 1.09 0.62 0.36 0.24
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26
27
28
29
30
31
32
1 1-2 1-3 -, 1-4 ' 1-5 ' 1-6
8.391.40 ' 1.30 1 . 20 1.20 1.25 1 .309.0 18.0. 27.0 36.0 45.0 ■ 54 .01.70 1.57 1.50 1.53 1,62 1 .729.4 9.7 9.9 . 10.1 10.4 10 . 60.70 2.33 ' 4.72 8.06 13.23 20 . 314.18 1.26 0.62 0.36 0.22 0 .14
6.781.38 1.27 1.16 1.15 1.19 1 .279.0 18.0 27.0 36.0 45.0 54 .01.47 1.71 1.73 , 1.80 1.95 2.1610.0 10.2 10.3. 10.4 10.5 10 .70:52 1.88 3.74 6.40 10.56 16 .932.96 0.82 0.41 0.24 0.15 : . . 0 .09
6 .541.30. 1.20 1.09 . 1.11 1.15 . ■ -1 .199.0 18.0 27.0 36.0 . 45.0 54 .02.5 2.3 2.04 2.06 . 2.14 2.26 ,9.7 ' 10.0 10.2 ,10.3 10.5 10 .60.84 2.49 4.30 7.21 11.23 16 .831.66 0.56 0.32 0.19 0.12 0 .08
10 .581.39 1.25 1.16 1.19 1.24 . 1.319 JO . 18.0 27.0 36.0 45.0 .. 54 .01.29 1.16 1.11 1.13 1.19 , 1 .319.1 • 9.4 9.8 10.0 10.2 10 . 30.87 2.72 5.53 9.04 ■- 14.14- 21 .546.76 2.16 . 1.06 0.65 0.42 0 .27
. 7.501.22 ■ 1.14 1.07 1.13  ^ 1.20 1 .279.0 18.0 27.0 36.0 45.0 . •. 54 .01.88. 1.74 1.67 1.76 1.87, 2.019.6 9.9 10.1 10.3 10.4 10 . 60.68 2.13 4.20 7.49. 12.12 , 18 .733.09 0.98 0.50 0.28 0.17 0 .11
9 .201.43 1.28 1.19 1.19 1.20 . 1 .249.0 18.0 27.0 . 36.0 45.0 • 54 .01.27 . 1.15 1.16 1.18 1.22 1 .279.4 9.7 10.0 10.1 10.3 10 . 50.65 1.95 4.16 6.74 10.33 15 .375.94 1.99 0.93 0.57 0.37 0 .25
11 .911.36 1.26 1.20 1.21 1.25 1 .249.0 18.0 27.0 36.0 - 45.0 54 .00.67 0.66 0.72 0.75 0.80 . 0 .848.g. ,9.2 9.6 9.8 10.0 10 .30.58 1.92 4.52 7.50 -, 11.48 16 .5914.53 . 4.80 1.86 1.11 0.73 0 .50
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23011,6
34
35
36
37
38
0.582.35
1.319.02.01 9.5 0*73 3.02
1.199.82.159.60.802.42
1.239.01.579.30.814.34
1.099.0 1.299.1 0.856.60
1.309.03.349.90.910.93
lr2
1.1118.01.879.81.610.84
1.2018.01.799.72.131.03
1.1118.01.939.82.430.82
1.1618.01.499.62.551.38
1.0618.01.269242.772.02
1.2118.03.0610.12.700.31
1-3
1.0427.0 1.5710.0 2.70 0.50
1.1027.01.689.94.030.55
1.0527.0 1.8210.0 4.44 0.43
1.0727.01.409.94.810.73
0.9927.01.219.54.991.12
1.1127.02.9110.35.240.16
1-4
1.07 36.0 1.66 lo. 3 5.12 0.27
1.1136.0 1.7010.1 6.94 0.32
1.0536.01.8510.27.650.25
1.1036.0 1.4510.1 8.33 0.42
1.0436.01.189.88.09 0.69
1.1336.02. So 10.5 9.34 0.09
1-5 1-66.491.12 1.1645.0 54.01.78 1.83 .10.4 10.58.37 12.080.16 0.11 ■
7.631.36 1.1945.0 54.01.73 1.8310.4 10.511.38 . . 17.130.19 0.13
7.301.09 1.1145.0 54.01.87 . 1.8810.4 10.511.61 16.540.17 0.12
8.911.15 . 1.1645.0 54.01.49 1.5210.3 10.412.77 . 17.750.28 . 0.20
10.401.10 ' 1.1345.0 54.01.21 1.2810.0 ■ 10.312.87 • 19.410.43 0.29
5.551.19 1.2545.0 54.03.04 _ 3.2310.6 10.714.61 22.770.06 0.05
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39
40
41
42
43
44
45
1 1-2
1.48 1.299.0 18.02.01 . 1.799.3 9,51.12 3.303.37 ; 1.14
1.28 1,249.0 18.02.01 . 1.979.5 9.70.90 2.862.92 0.92
1.25 1.129.0 18.01.25 1.159.1 9.41.17 3.425.99 2.05
1.28 1.139.0 18.01.15 ■ 1.108.9 9.20.95 2.828.44 2.84
1.42. 1.269.0 18.01.52 1.359.0 9.30.97 3.016.42 2.07
1.22 1.139.0 18.00.95 0.898.8 9.10.80 2.6612.84 3.84
1.28 1.189.0 , 18.02.29 2.039.4 9.60.88 2.602.63 0.89
1-3
1.1827.01.689,86.240.60
1.1527.01.899.95.600.48
1.0327.0l.lo9.66.251.13
1.1727.01.139.45.401.48
1.1327.01.279.6 5.861.06
1.04 27.0 0.899.4 5.49 1.86
1.1527.02.069.85.560.42
1-4 1-5 1-69.121.21 : 1.31 1.3136.0 45.0 54.01.71 1.77 .1.7910,0 10,3 10,510.76 17.19 24.950.35 . 0.22 0.15
8.081.14 1.20 . 1.2936.0 45.0 54.01.91 1.98 2.1410.1 10.3 10.59.52 15.12 24.120.28 0.17 0.11
11.201.02 1.07 1.0836.0 45.0 54.0 .1.28 1.16 1.199.8 10.0 10.29.95 14.61 20.760.70 . 0.48 0.34
. 11.721.05 1.04 1.1536.0 45.0 54.01.16 1.8o 1.859.7 . io.o. 10.39.19 . 15.06 22.630.87 0.53 0.35
10.791.11 1.18 . 1.2136.0 45.0 54.0Ï.28 1.33 1.399.8 10.1 10.3.10.15 16.28 24.070.61 0.38 0.26
12.721.05 1.12 ■ 1.1336.0 45.0 54.00.94 0.98 1:029.7 • 10.0 10.39.86 15.94 24.041.04 0.64 0.43
7.771.19 1.22 1.2936.0 .45.0 54.02.14 2.17 2.2910.0 - 10.2 . 10.410.06 15.77 24.400.23 0.15 . 0.09
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46
47
48
49,
50,
51
I ■ 1-2 1-3 1-4 1-5 , ' 1-66.381.34 , 1.18 1.14 1.18 1.23 . 1.299.0 18.0 27.0 36.0 45.0 . 54.02.93 2.57 2.58 / 2.66 2.71 . 2.849.6 . 9.8 10.0 10,1 10,3 10. S0.91 2.47 5.28 9.48 15.23 23.411.42 0.52 0.2 5 0.14 0.08 .0.05
8/361.49 1.34 1.25 1.28 1.34 1.399.0 18.0 27.0 36.0 45.0 54.02.C)7 . 1.83 1.78 1.78 1.87 2.039.4 9.6 9.8 ■ 10.0 1() . 2 10.40.96 2.73 5.39 8.96 14.76 . 23.75 .3.04 . 1.06 0.54 0.32 0.20 0.12
9.12. .1.39 1.18 1.08 1.10 . 1.20 1.239.0 18/0 .27.0 36.0 ' 45.0 54.01.9 2 1.66 1.59 1.65 1.64 . 1.749.2 9.4 9.6 9.8 10.1 10.30.90 2.53 5.03 9.22 14.18 22.044.19 1.49 0.75 0.41 .0.27 0.17
! . 5.78^1.35 1.19 1.08 1.06 1.09 . .1.16..9.0 18.0 27.0 36.0 45.0 54.0 •3.07 ' 2.77 2.63 2.58 2.67 2.82 :9.7 9.8 10.0 10.1 10.4, . 10.60.75 2.16 4,25 7.31 12.03 . .19.14 .1.28 0.44. 0/23 0.13 0.08 0.05 
10.53 :1.27 : 1.18 1.09 1.10 1.16 ' 1.21. '9.0 18.0 27.0 36.0 45.0 54.01.60 1.48 1.43 1.48 .1.48 , 1.539.0 9.2 9.4 9.6 9 , 9: - y j. 10.10.97 2.92 5.84 ' . 10.39 16.09 24.08.6.00 , 1.99 ' 0.99 0.56 0.36 0.24
1.08
' 11.02.1.17 , 1.14 1.08 - , 1.11 1.199.0 18.0 27.0 36.0 45.0 54.0 •1.19 1.22 1.18 . 1.22 1.29 1.2210.1 9.7 9.0 9.2 9.4 10.10.86 2.60 . 5.28: 9.26 14.61 , 21.467.69 2.56 1.26 0.72 0.46 0.31 '
“148“
52
53
54
55
56
57
58
•1
1.219.02.709.40.911.86
1.329.02.099.30.783.18
2*319.02.049.20.933.71
1.109.0 1.699.1 0.96 5.11
1.40 9.0 3.08 9.4 '1.25 1.65
1.139.0 ,1.4-29.0 1.05 6.66
1 .01:
9.01.819.30.714,25
1-2
1.07.18.02.369.62.650.64
1.1418.01.919.42.341.06
2.2618.01.869.42.891.20
1.0418.01.619.32.971.65
1.2918.02.719.43.550,58
1.0818.01.319:202.982.35
0.9518.01.749.52.361.28
1-3
0.9927.02.319.95.420.31
1.0227.01.789.64.480.55
.2.3027.01.759.75.610.62
1.0127.01.659.56.440.76
1.1927.02.629.77.010.30
1.0227.01.289:4:6.021.16
0.9127.01.699.74.840.62
1-4
1.0036.0 2.3610.0 9.38 0.18
1.03 36.0 1.84 9.88.04 0.31
'2.1636.01.839.810.150.34
1.0636.0I.74 9.7II.75 0.42
1.1836.02.609.912.020.17
1.0636.01.359:6310.990.64
0.9636.0 1.7810.0 9.25 0.33
1-5
1.0745.0 2.4610.1 15.05 0.11
1.0645.0 1.9410.1 13.52 0.18 ;
2*51 '45.0 1.8910.0 16.14 0.21
1.11 45.0 1.81 : 9.9 19.29 0.25
1.2045.0 2.6310.1 18.89 0.11
1.1245.01.429:9317.720.39
1.0245.01.9010.215.520.19
1-6 6.98 . 1.1254.0 - 2.6210.3 23.36 0.07
7.921.1554.0 2.11 10.2 21.29 0.12
8.862.5954.0 2.02 10.225.04 0.14
9.951.1354.0 1.8910.128.59 0.17
7.45I.2354.0 2.7210.3 28.52 0.07
II.201.1954.0 1.4810.1 26.58 0.26
8.47
1.04 ; 54.0 1.9410.322.19 0.14
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59
60
61
62
63
64
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3.052.4S 2.81 . 2^85 '3\04' 3v099.0 . 18.0 27.0 36.0 .. : 45.0 , ; 54.03.94 4.25 4.38 4.50 6:! ; 4.769.9 10.1 , V 10.2 10.3 "C:- 10.4 . . 10.50.35 ' 1.54 • 3.03 6.64 10.69 ; 16.270.39 0.09 , 0.04 O.C)2 : , 0.01 , 0.008
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4.051.37 1.41 1.5036.0 45.0 54.04.67 4.57 4.6810.3 10.4 10.5 '10.61 . 16.12 24.390.03 . 0.02 0.01
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TABLE 4
Dimensionless groups for Heat Transfer, correlations andFlow regime graphs. (Without Entrance)
1 1-2 . 1-3 1-4 1-5 1-68.310.97; 0.997 0.95 0.99 1.05 1.089.0 18.0' 27.0 36.0 45.0 54iO0.83 0.84 0.86 0.92 0.99 1.059.6 9.8 10.1 10.3 ■ 10.5 10.70.27 0.91. 1.92 3.51 5.82 8.7010.43 3.13 1.48 0.81 0.49 0.33
7.350.93 0.89 0.90 0.95 1.01 1.059.0 18.0 27.0 36.0 45.0 54.01.06 1.00 1.05 1.10 1.20 1.279.6 9.9 10.1 10.3 10.5 10.70.28 0.89 1.94 3.54 4.15 . 9.067.14 2.21 1.02 . 0.56 0.48 0.22
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90- 0.82 9.0 1.13 9.5 0.26 4.71
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12
13
0.939.01.309.40.315.96
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0.839.3
0.3512.13
1.2218.01;499.61.311.46
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1.2036.0 1.5910.1 5.42 0.35
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1 1-2 1-3 1-4 1-5 1-68.290.98 1.05 1.04 . 1.09 1.13 / 1.169.0 18.0 27.0 . 36.0 45.0 54.01.19 1.22 1.26 1.32 \ 1.40. 1.499.4 9.6 9.9 10.1 10.4 10.50,40 1*34 3.01 5. $4' 9,11 13,877.15 2.11 0.94 0.51 . 0.31 0.20
6.620.87 0.92 0.96 1.01 1.04 1.089.0 18.0 27.0 36.0 45.0 54.01.50 1.44 1.50 1.55 1.61 1.729.7 9.9 10.1 10.3 10.5 10.60.34 1.08 2.57 4.40 7.07 10.864.18 1.34 0.56 0.33 0.20 0.13
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7 6.980.797 0.823 0.865 0.924 0.979 1.039.0 18.0 27.0. 36.0 45.0 54.01.20 1.19 1.31 1.39 1.47 ■ 1.579.7 9.9 10.1 10.3 10.4 10.6.0.30 0.96 2.27 4.16 6.86 10.615.68 1.76 0.75 0.41 0.25 0.16
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19
20
0.74 0.80 0.84 0.90 0.959.0 18.0 27.0 36.0 45.01.38 1.36 1.50 1.57 1.659.6 9.8 10.0 10.2 10.40.37 1.16 2.76 5.09 8.294.73 1.51 0.63 0.34 0.21
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0,91 8.680.96 0.92 0.95 1.02 1.099.0 18.0 27.0 36.0 45.0 54.01.23 1.20 1.21 1.26 1.38: . : 1.509.3 9.5 9.7 9.9 10.1 10.30.43 1.41 3.01 5.37 9.41 15.237.60 2.31; 1.08 0.60 0.34 0.21
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0.98 7.970.99 0.94 0.96 ' 1.01 1.059.0 18.0 27.0 36.0 45.0 54.01.57 . 1.50 1.45 1.49 1.57 . 1.659.4 9.6 . 9.8 10.0 10.2 10.40.53 . 1.67 3.41 6.08 9.98 15.044.75 1.50 0.74 0.41 0.25 0.17
8.600.80 0.84 0.79 0.82 0.88 0.959.0 18.0 27.0 36.0 ■ 4 5.0 54.01.11 1.12 1.10 1.15 1.23. 1.349.3 9.5 9.7 9.9 10.1 10.30.37 1.23 2.53 4.65 7.72 12.568.44 2.56 ■ • 1.25 0.68 0.41 0.25
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APPENDIX 2.
Log At (°F)
Fig. 1 General form of relationship between film  transfer 
coefficient and film  temperature difference.
From Conlson and McNelly (20)
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Graph of Liquid mass flow rate versus gas mass flow rate.
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Fig. 9 Preheater and Perspex-tube assembly
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Fig. 14 Steam supply to the evaporator tube, together 
with tank assembly at the entrance
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Fig. 17 Front view
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Fig. 18 Side view
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Tube Wall‘ Y
“ Y
-Y
-,Y 18''8.W.G.
^^u  Sheet
1"^
Tube- Y
Neoprene
Tube
To
Steam Trap=Ê= 1Top of the Tank/ 
and /
Jacket End Plate
Fig. 19 Tube Arrangement ( Not to scale )
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Fig. 20 Preheater
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Fig. 21 Catchpot and Thermocouple arrangement
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Steair
Inlet
T E
Ï'
2 "B .S .P
Sockets 
2 Nos _
9”
:-------
i"4
1"
B. S. P. Tappings for Vents
Y  B. S. P. Tappings for Pressilire Ganges
14’
L Q -
_ . _ Q _
X ^  B. S. P. Sockets
 ^ at 9” Centres 
11 Nos
Y
-3
-J-
Xc 
- □  —
Ya—
Xc B—
Outlet for
42’
londenj ate from the 
Jacket and 1st Catlch Pot
X  — Outlet for Pressure 
Tappings
Xg — Outlets for Condensate 
and Pressure Tappings
Y — Outlets for T /C ’S
Fig. 22 Steam Jacket
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■Wall of Steam Jacket
NeopreneTubing
From Pressure 
Tapping
From 
Catch Pots
Cu Tube soldered to Brass 
plate and asbestos packing 
used on both sides
Neoprene Tube 
to Manometer/
r\
Cu Tube
rO!Ü7
Cu Tube
Neopr^e 
Tubing
To Steam hose 
and Float Trap
Fig. 23 Method of Removal of Condensate and Pressure Tapping 
through the Jacket Wall.
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Wall of Steam Jacket
I. D. Cu Tube
T /C  leads tt Compression Joint
T /C  leads cemented 
with  ^ Araldite ’
Fig. 24 Method of Removal of Thermocouple leads through 
Jacket Wall.
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Soldered to tube . 
and bolted to top 
of Tank
"2 M.S.' Top of Tank and 
Jacket End Plate was 
soldered to tube
Cu plate 
for Catch 
Pot
Cadmium Plated 
counter sunk 
bolts and nutsBrassflange "Ô Bolts and 
Nuts/
STCon. Jacket
STCon. Bottom Catch 
Pot
M.S
40" Dia.Tank
Fig. 25 Tube, Tank and Jacket Assembly
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To Thermocouple measuring circuit
4” Dia. 
Pulleys
PTFE  
insulated 
Cu wire
,Evaporator 
Tube
T /C
Junction
/Centering
Device
•Pointer Probe
sensor
pointPTFE I insulated'1 
Con. w ire |
T o U .V .
recorder
Probe 
PTFE  
insulated 
Cu w ire
PTFE ^  
Packings
Proba
wire
'Graphited
String
T /C  w ire
Fig. 26 Travelling Thermocouple and Probe 
Arrangement.
Fig. 27 Details of Travelling  
Thermocouple Seal.
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T /C  Bead
Probe sensor Point
120'
F ig .28 Spider.
Centering Device for Travelling 
Thermocouple and Probe Arrangement. 
Material PTFE.
“184“
A
Fig. 29 Spider centering device
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24 position 2 pole Switch
, Reference Junction Three Way Switch
Input from 
Tube Wall. 
T /C  8
U. V. Recorder
Potentiometer or D. V.
D.C. I 
Amplifier j^Connector
Pen Recorder
Input from 
Resistance 
Probe Circuit
Input from^i/.--- 
Travelling T /C
Fig. 30 Thermocouple and Probe measuring Circuit.
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ATM
ATM
■
1 Lj Evaporator tube ( In case of Entrance Top of Tank )
Bottom Pressure Manometer
^Tm Hg 
P. =  15.46 + 0 .1937R - 0. 01418 1 (
ATM
Differential Manometer
A P  =  4. i - 0. i 7 8 7 R  ( Ib/in^ )’
Manometers in level with Pressure Tappings on the heated Length
( Static Pressure )
+ RpHg" Q  ‘ "^*"20 “ " A T M -
P_ =  14.69 + 0 .1937R - 0.014181 ( Ib/in^ )
^  R and 1 =  cms
P^ =  Pressure in question on the heated length
Fig. 31 Manometer arrangements and Pressure Calculation System
Purge
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To upper Pressure TappingA
Purge
To Cyclone <--------
Purge
Stand pipe
H X -
To Lower Pressure Tapping
Fig. 32 Manometer Arrangement.
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Compressed 
Air Line
Sight 
^  glass
Acid
A Steam 
Line
Fig. 33 Oleic Acid Injection System,
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C or relating equation :
- 0 . 5 4Nu =  0. 38 (Pr 
Accuracy lim its  
90% data ±20%  
98% data ±30% 20% X  ^
x % x ) S <
11 12 15 16
Calculated Nusselt number x 10
Fig. 34 Experimental Nusselt number VS Calculated Nusselt number. 
( with entrance )
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C o rre la tiî^  equation :
jq-y __ n 10 rvtT,\0>6 /x3^ \0.2 8
?o
rQ
Q)%i§1
s:
17
16
15
14
13
12
11
10
9
8
7
6
5
4
3
2
1
=  0 .12 ( P r p  (R e )p ®  / _ L \ Q  \  /  g \\ D/ \AGA/ \PD/
rO.65
Accuracy lim its : 
98% data±20%  
99% data ±30%
10 11 12 13 14 15 16 17
-2Calculated Nusselt number x 10
Fig. 35 Experimental Nusselt number VS Calculated Nusselt number. 
( without entrance )
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0.81AR AR 1890 %8 PLTP
AL AL
Accuracy Limits 
95 % data i  20 % 
98 % data + 30 %
30% 20%
ovH 20.%
30%
OO
I— <
OO
OO
Experimental AP ( lbs/ft ) x 10
Fig. 53 Experimental Pressure drop versus Calculated Pressure 
drop. (With Entrance )
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otHX
CO
CQ
%1yo
'^^TP/^^SPL 
AL
Accuracy Limits 
95.0 % data ± 2 0 %  
100 % data ±  30 %
0.45649 X,
AL
6
^0%
30%5
4
Ooo o
3 oo ®o
oo
2
1
0 1 2 3 4 5 6 —2Experimental AP ( lbs/ft ) x 10
Fig. 54 Experimental Pressure drop versus Calculated Pressure 
drop. ( Without Entrance )
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Heat flux =  49700 Btu /  hr ff
With Entrance
Without Entrance
Pressure drop AP ( lbs/ft ) x lO"
Fig. 55 Pressure drop along the tube VS mass velocity at a 
given Heat flux
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M
pq
xs
u
(NI1o
%o01I
I
0}
4.5
4.0
3.0
With Entrance
2.0
Without Entrance
1.0 —
2 3 4 4.5
Total Pressure drop, AP ( lbs/ft^ ) x 10 ^
Fig. 56 Heat transfer coefficient versus Total 
Pressure drop at given AT = 20. 2° F
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ca
(Ma
CQ,-Q
Q
gCQCDUPhÜ
%
U2
Jacket Steam Pressure 13 P. S. L G. 
Constant Mass Velocity = 6850 Ibs/kr 
Temperature difference =  18. 9 *F
20
19
18
With Entrance ( Run No. 22 )
17
Without Entrance
( Run No. 15 )16
;<-9 in —>|<-18 in— 18 iit->|<—18 in -H ^ l 8 irr->H~-18 iir->H—18 in~>15
Pressure Tap Stations
Fig. 57 Static Pressure versus length
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Perspex
Sections
6V
to recorder 1 Mohm Tube
Fig. 58 C ircu it diagram of Probe,
Cu
Sections
Fig. 59 Perspex and Cu tube in Sections.
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f
Fig. 60 Steam Trap arrangement
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PL
V
Cu i 
Sectionis
Perspex
Sections
Air Line
Probe "I 
Circuit I
±  9
NX
OFPL
Fig. 61 Flow diagram Resistance Probe System air-water mixture.
FLOW REGIME STUDIES - CINE PHOTOGRAPHS.
B ubb ly  F low .
A i r /W a te r  M ix tu r e .
B ubb ly  F low .
A i r /W a te r  M ix tu re
Bubbly Flow.
Air/Water Mixture.
Bubbly Flow.
Air/Water Mixture
-217-Fig. 63
FLOW REGIME STUDIES - CINE PHOTOGRAPHS.
S lug  FlowA i r /W a te r  M ix tu re
S lug  F low .
A i r /W a te r  M ix tu r e
K ' .
Slug Flow
Air/Water Mixture
Slug Flow.
Air/Water Mixture
Fig. 64 -218-
flow REGIME STUDIES - CINE PHOTOGRAPHS.
A n n u la r  f lo w .
A i r /W a te r  m ix tu r e .
A n n u la r  Flow
A i r /W a te r  m ix tu r e
Annular Flow
Air/water mixture
Annular Flow
Air/Water mixture
V• . • ## *
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Fig. 65 FLOW REGIME STUDIES - STILL PHOTOGRAPHS.
Bubbly FlowAir/Water Mixture. Bubbly Flow.Air/Water Mixture
Bubbly FlowAir/Water Mixture Bubbly Flow.Air/Water Mixture
-2 2 0 -
F ig .  66 FLOW REGIME STUDIES -  STILL PHOTOGRAPHS.
Slug PlowAir/Water Mixture Slug Flow.Air/Water Mixture
Slug FlowAir/Water Mixture, Slug Flow.Air/Water Mixture
F ig .  67
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FLOW REGIME STUDIES -  STILL PHOTOGRAPHS.
Annular Flow.Air/Water Mixture. Annular Flow.Air/Water Mixture
Annular Flow.Air/Water Mixture. Annular Flow.Air/Water Mixture
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Fig. 68
FLOW REGIME STUDIES (calibration work)Resistance probe output - U.v. record trace
Air/water mixture 
Bubbly flow
Air/water mixture with heat addition Bubbly flow.
■AAV ;
Vapour
Liquid
Vapour
Liquid
Slug flow Slug flow.
Vapour
Liquid
Vapour
Liquid
Annular flow
Vapour
Liquid
Annular flow.
— - Zapqur
Liquid
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FLOW REGIME STUDIES (calibration work)Resistance probe output - U.V. record trace
Air/water mixture 
Bubbly flow
Air/water mixturewith heat additionBubbly flow.
Vapour Vapour
L)^u»î> Liquid L\ 0\Wi3) Liquid
Slug flow Slug flow.
Vapour Vapour
Liquid L(a,u o Liouid
Annular flow Annular flow.
Vapour
■     r - in-riL& GLUij) Liquid Liquid
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FLOW REGIME STUDIES (BOILING) Resistance probe output - U.V. record trace
Steam/Water mixture Bubbly flow
2 ft from the start of test section 
-------------------------  Vapour
f.
Liquid
Steam/water mixture Bubbly flow.
3 ft
Vapour
Liquid
Slug flow. 
5 ft
Slug flow 
6 ft
Vapour
Liquid
,— Valour
Liquid
Annular flow. Annular flow.
8 ft
..Vapour
9 ft
f-f.-^ TC arrrryin ' tw  i u ii • .a;.Vapour
Liquid
Liquid
Run 44 without entrance 
Mass flow rate = 3430 lbs/hr
Exit Quality =  9. 8 %
-225-Fig. 71
PLOW REGIME STUDIES (BOILING)Resistance probe output - U.V. record trace
Steam/Water mixture Bubbly flow
2 ft from start of test section
Vapour
Steam/water mixtureBubbly flow.
3 ft
C?: Vapour
A A
Liquid
N
Liquid
Bubbly flow  
4 ft
Slug flow
6 ft
Vapour
---
Liquid
Vapour
Liquid
Slug flow Slug flow.
7 ft 9 ft
Vapour Vapour
Liquid Liquid
Run 31 without entrance 
Mass flow rate =  7310 lbs/hr 
Exit Quality = 4.1%
Amiular flow regime not obtained in this run
-226-Fig. 72
FLOW REGIME STUDIES (BOILING)Resistance probe output - U.V. record trace
Steam/Water mixture Bubbly flow Steam/water mixtureBubbly flow.
Vapour Vapour
A:
Liquid Liquid
Slug flow. Slug flow
Vapour
Liquid
Vapour
Liquid
Annular flow. Annular flow.
Vapour 
%— 3
-Vabpur
Liquid Liquid
Run 43 without entrance 
Mass flow rate = 3270 lbs/hr
Exit Quality =  17. 3 %
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512.73
FLOW RüGIME STUDIES (BOILING)Resistance probe output - U.V. record trace.
Steam/Water mixture Bubbly flow .
1 ft from the start of test section
Vapour
Steam/water mixtureBubbly flow.
3 ft
Vapour
— —•7Ti-nTiiii.a~iiiin
JiJ\ I
Liquid Liquid
Slug flow 
5 ft
Slug flow 
7 ft
Vapour Vapour
Annular flow.
Liquid
Liquid
Annular flow
8 ft 9 ft
Vapour Vapour
Liquid Liquid
Run 63 Entrance
Mass flow rate =  2600 lbs/hr
Exit Quality =  21. 2 %
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FLOVJ REGIME STUDIES (BOILING)Resistance probe output - U.V. record trace
Steam/Water mixture Bubbly flow Steam/water mixture Bubbly flow.
3 ft from start of start section 
-  Vapour
Liquid
Slug flow.
5 ft
Slug flow
Vapour
Liquid
Annular flow. Annular flow,
8 ft
Vapour
Liquid
Run 54 entrance
Mass flow rate =  7650 lbs/hr
Exit Quality = 10.1 %
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Fig.75
PLOW REGIME STUDIES (BOILING)Resistance probe output - U.V. record trace
Steam/Water mixture Bubbly flow
1 ft from the start of test section
Vapour
Um
Liquid
Steam/water mixtureBubbly flow.
2 ft
Vapour
Liquid
Slug flow 
6 ft
Vapour
Liquid
Slug flow 
9 ft
Vapour
Liquid
Annular flow. Annular flow.
Run 8 without entrance
Mass flow rate =  §650' lbs/hr 
Exit Quality =  4. 9 %
Annular flow regime not obtained
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10'
10'
A
10'
10
Bubbly flow
Fr  =
R r  = W[ID
=  R,t-i/'El
2 1 
gD
f = R 2 « "
0^0
B Bubbly flow 
o Slug flow
A Climbing film  
flow
• ® ||>o2 /  ® ® ©• Slug flow
O Q oOo Q ^
O® ___® O C5 tyi-S-•XaA A Climbing film
A * ^  I V  flow
A&'TAA.
' ' ' iJLLL -à 1 I I I 1 I t10 10' 10' 10
F r
Fig. 76 Flow regime map without an entrance Fj^ VS Mi Basis
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^ =  R =  R
a Bubbly flow 
o Slug flow
A Climbing film  
flow
» •
Bubbly
flow 'oo o
Slug Flowa®» O
aa
A Climbing film  
> flow
.A A  A10
Fig. 77 Flow regime map with an entrance Fr VS Basis
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Legend for Pigs, 15 and 16.
1. Header Tank.
2. Make up Tank.
3. Main storage tank.
4. Positive displacement pump.
5. Orifice meter.
6. Preheater.
7. Steam jacket.
8. Cyclone separator.
9. Moisture separator.
10. Make up feed pump.
ST Steam trap.
T & T/c Thermometer, Thermocouple respectively 
P pressure tappings.
SL Steam line.
ÎL Pulleys.
V Vent.
O.A. Oleic acid injection.
SC Steam coil,
IH Immersion heater 6kw 
OP Overflow.
APPENDIX., 3
-2 3 3 -
APPENDIX 3
SAMPLE CALCULATIONS.Run no. 1 (Entrance)
Heat Transfer coefficient.
Section
W =25.22 )f=920 D- =1/6 L =3/2 Ag=0.785
A^=0.021l
TL=228.9
T2=221.3
AT=7.6
Ibs/lir lbs/hr ft. ft. ■ ft^ .
ft%.
Op
o^
Steam condensed.Latent heat of vapourisation.
SurfaceArea. 
Cross-sectional Area. 
Inside Wall temperature. 
Axial Stream temperature.
Q =h A A T= W À  ^ s s
h =W X /A AT.
h = 25.22x920/0.785x7.6 =3890 Btu/ft^ hr °F
Nusselt Group.
Nu=h d /K 
K =0.3945
Nu=3890/0.3945x6 = 1640
Btu/hr ft F
W^=5580
Reynold Group.
lbs/hr. Liquid mass flow rate.
|i =0.66 Ib/ft-hr .. Liquid viscosity. 
R @ =  4W / D tt p
Re= 4x5580/3.14x0.66x0.16667 =64600.
- 2 34 “■
Prandtl Group. . '
C_^ =1.006 Btu/lb °F
Pr =1.006x0.66/0.3945 =1.683 = cp H/K
L/D Group. ,
L/D= 3x6/2 =9
Q/GA^X' Group. Boiling Number.
G=W^/A^ =5580/0.0218 : lbs/hr ft^ :
Q/GA^X =23200x0.0218/965x5580x0.785=1.19xlO"4
o'/PD Group.
a~ 0.004 lbs/ft
a/PD=0.004x6/17.5x144 = 9.6xlO“^
Dimensionless groups used in plotting Flow regime Graphs.
Froud Group.
3 ■P=59.7 lbs/ft'
q,= W /p =5580/59.7 =93.5 ft^/hr .q^=Voiurîietric liquid flow rate at the entrance to the tube
Q=23200 Btu/hr
X AT, =1.006x1.95x5580= 10950 Btu/hr.
=0.00635.
qg=5580x0.00635x23.4= W^xXxv^ =825 . .
Fr siCq^+q^j/A^jZ xl/gD
Fr= CC825+93.53/0.0218x3600)2 %6/32.2 =26
235'
aR Group.
Ap =W^/D P (qj^ /q^ +q^ ) ^
V =(5580x6/0.66)(93.5/(93.5+825))2
'sU -525
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DEDICATED. TO
AKHTAR.A.BANO.AND
MY DEAR(LATE) MOTHER AND DEAR FATHER,
